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Abstract 

This chapter presents a novel approach to modeling the manufacturing processes of high-
density polyethylene (HDPE), polypropylene (PP), linear low-density polyethylene (LLDPE), and 
ethylene-propylene-diene monomer (EPDM) using Ziegler-Natta (ZN) catalysts. By leveraging 
Aspen Polymers simulation software, the chapter introduces an innovative methodology for 
estimating kinetic parameters directly from plant data, enabling more accurate and optimized 
simulation models for commercial polyolefin processes. 

The chapter covers key aspects of ZN polymerization kinetics, such as catalyst site activation, 
chain propagation, transfer, inhibition, and deactivation, while offering a unique framework to 
model complex processes through reactor-specific considerations, molecular weight 
distributions, and thermodynamic modeling. A significant contribution is the integration of 
validated plant data with advanced simulation tools, offering new possibilities for process 
improvement and optimization. 

Through a series of hands-on workshops, the chapter showcases groundbreaking applications 
for simulating and optimizing HDPE, PP, LLDPE, and EPDM production, utilizing novel 
approaches such as slurry and gas-phase operations. This methodology introduces a 
transformative toolset for kinetic parameter estimation and process enhancement, positioning it 
as a pioneering resource for the next generation of polyolefin manufacturing advancements. 

This chapter deals with modeling of HDPE, PP, LLDPE and EPDM manufacturing processes using 
Ziegler-Natta (ZN) catalyst. We use simulation software Aspen Polymers for this study. We deal 
with the methodology and procedure to model the ZN polymerization kinetics. 

We present an effective methodology for estimating the kinetic parameters based on plant data 
in the development of simulation and optimization models for commercial polyolefin processes 
using efficient software tools. We cover conceptual development, modeling methodology, 
illustrative examples and hands-on workshops.  

This is a preprint version of a chapter from our book - Integrated Process Modeling, Advanced Control 
and Data Analytics for Optimizing Polyolefin Manufacturing [78,83] and also an extended version of our 
paper [3]. Please cite the original work if referenced 

 

 



5.1 Ziegler-Natta (ZN) Polymerization 

Section 5.1 introduces Ziegler-Natta polymerization. Section 5.2 discusses ZN polymerization kinetics. 
We cover catalyst site activation, chain initiation, chain propagation, chain transfer, catalyst inhibition 
and deactivation, and copolymerization kinetics. Section 5.3 presents modeling considerations, including 
reactor types, polymer types, process flowsheets, molecular weight distributions (MWD) and multi-
modal distributions, thermodynamics, and global kinetics versus local kinetics. Section 5.4 describes 
commercial polyolefin production targets, including general and polymer-specific production targets. 
Section 5.5 presents an effective methodology for kinetic parameter estimation for modeling 
commercial polyolefin processes from plant data using efficient software tools, including data fit, 
sensitivity analysis, and design specification. This section also illustrates the applications of simulation 
models validated by plant data to process improvement. Section 5.6 presents a detailed hands-on 
workshop to develop the simulation model for the slurry HDPE process. Section 5.7 is a hands-on 
workshop to illustrates how to simulate and optimize a gas-phase PP process using stirred-bed reactors. 
Section 5.8 gives a hands-on workshop of producing LLDPE using a condensed mode cooling operation 
of a fluidized-bed process. Section 5.9 present a hands-on workshop to simulate an ethylene-propylene 
rubber copolymerization (EPM) or an ethylene-propylene-diene rubber terpolymerization (EPDM) by a 
metallocene catalyst system. Section 5.10 presents the biography. 

 

5.1.1 Introduction 

Ziegler-Natta (ZN) catalyst is one of the most widely used catalysts for manufacturing commercial HDPE, 
PP, LLDPE and EPDM. Polyethylene and polypropylene are two commodity polymers of the highest 
demands.  Polyolefins have a wide application requiring different properties with different molecular 
weight distribution and branching distribution. The polymerization follows the coordination mechanism 
which is different from the free radical polymerization mechanism used for producing high-pressure 
LDPE. The microstructure of polyolefins made with coordination catalysts is different from that made 
with free radical kinetics. The LDPE made using the free radical mechanism consists of both short chain 
branching (SCB) and long chain branching (LCB), while that made by coordination mechanism consists of 
only SCB. Thus, catalyst design plays an important role in polyolefin processes. Different process types 
with different reactors and phases are other variable able to modify polyolefin properties. The process 
for producing polyolefins can be in three phases, including solution, slurry and gas phase. 
Autoclaves/CSTR, loop reactors, fixed bed reactors (FBR) are some of the main reactors used for 
polyolefin processes for different phases. For example, the loop reactors are used for slurry-phase 
process and FBR are used for gas-phase process. The book by Soares and McKenna [1] covers different 
polyolefin processes in detail.  

The modeling of the ZN kinetics is complex because of the multiple active catalyst sites in the ZN 
catalyst. The most common type of ZN catalyst is titanium tetrachloride TiCl4 supported on MgCl2 or SiO2 
which is heterogeneous in nature. ZN catalysts give high activity and productivity. Multiple active sites of 
the ZN catalyst enable the production of polymers with broad molecular weight distributions and allow 
good polymer microstructural control.  

This chapter focuses mostly on ZN catalysts, not other catalyst types, such as Phillips, metallocene and 
late transition metal catalysts discussed in Chapters 3 and 5 of Soares and McKenna [1]. Phillips catalyst 
is similar to the ZN catalyst with multiple active sites and is used for producing HDPE consisting of 
chromium compounds like CrO3 supported on SiO2. Metallocene catalyst and late transition metal 
catalysts are used to produce HDPE/LLDPE with uniform properties and narrow MWD. The metallocene 



catalysts are considered to be single site and homogeneous, i.e., soluble in the reaction medium. In 
Section 5.9, we present a hands-on workshop to simulate an ethylene-propylene rubber 
copolymerization (EPM) by a metallocene catalyst system. This chapter also does not deal with any 
processes that may use more than one catalyst type. Our limitation results from the lack of sufficient 
published plant data that would enable us to develop an effective methodology for kinetic parameter 
estimation for other catalyst types. 

5.1.2 Ziegler-Natta Catalysts 

 

Figure 5.1 The structure of ZN catalyst (Soares and McKenna [1])  

The ZN catalyst (Figure 5.1) requires a co-catalyst AlR3 such as triethyl aluminum (TEAL), Al(C2H5)3, for 
activation. A shown in Figure 5.2, the co-catalyst is used to alkylate the Ti salt to yield an active site. The 
catalyst and co-catalyst react in a series of reactions to form a complex. The co-catalyst extracts the 
chlorine atoms and transfer the alkyl group to the catalyst. Thus, the co- catalyst acts as a reducing 
agent and the electron-deficient site acts as the active site initiating the polymerization. 

 

Figure 5.2 ZN catalyst mechanism 

5.2 Ziegler-Natta Polymerization Kinetics  

The most important reactions in the ZN kinetics are the same as in any polymerization kinetics, namely, 
the chain initiation, propagation and chain transfer reactions which can be with a monomer, hydrogen, 
or solvent. The ZN catalyst consists of different catalyst site types with each having its own relative 
reactivity, because of variations in the local chemical composition of each site type. The catalyst 
activation, deactivation and inhibition reactions are also specific to ZN catalyst. Site activation reactions 
convert potential sites to active sites, while site deactivation reactions convert active sites to dead sites. 
As discussed previously, Aspen Polymers builds the kinetic model in terms of repeating units or 
segments. All the main reactions in ZN kinetics are as follows. 

5.2.1 Catalyst Activation (ACT) 

The catalyst site activation step involves the generation of reactive vacant active sites from potential 
sites. There are several different site activation reactions included in the built-in kinetic scheme. They 
include site activation by co-catalyst, electron donors, hydrogen, monomer, and spontaneous site 



activation. Different catalyst systems tend to be activated by a different subset of the reactions. The 
TiCl4 catalyst is usually activated using TEAL co-catalyst or by spontaneous activation. 

(1a) ACT-SPON: Spontaneous catalyst activation (𝑃𝑃0,𝑖𝑖 is vacant site of type i):                                                           

𝐶𝐶𝐶𝐶𝑇𝑇𝑖𝑖
𝑘𝑘𝑎𝑎𝑎𝑎,𝑖𝑖�⎯�  𝑃𝑃0,𝑖𝑖 

(1b) ACT-COCAT: Catalyst site activation by cocatalyst: 

𝐶𝐶𝐶𝐶𝑇𝑇𝑖𝑖 + 𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶𝐶 
𝑘𝑘𝑎𝑎𝑎𝑎𝑎𝑎,𝑖𝑖�⎯⎯�  𝑃𝑃0,𝑖𝑖 

(1c) ACT-H2: Catalyst site activation by hydrogen: 

𝐶𝐶𝐶𝐶𝑇𝑇𝑖𝑖 + 𝐻𝐻2  
𝑘𝑘𝑎𝑎𝑎𝑎𝑎𝑎ℎ,𝑖𝑖�⎯⎯⎯�  𝑃𝑃0,𝑖𝑖 

5.2.2 Chain Initiation (CHAIN-INI) 

Chain initiation involves the reaction of a monomer molecule at a vacant active site to form a live 
polymer molecule of one unit length at that site. This reaction converts a vacant active site to a 
propagation site. 

(2) CHAIN-INI: Chain initiation by monomer (𝑀𝑀) (𝑃𝑃1,𝑖𝑖 is a propagation site of type i with an attached 
polymer chain containing one segment): 

𝑃𝑃0,𝑖𝑖 + 𝑀𝑀
𝑘𝑘𝑖𝑖𝑖𝑖𝑖𝑖,𝑖𝑖�⎯�  𝑃𝑃1,𝑖𝑖 

(2’) CHAIN-INI: Chain initiation by monomer j (𝑀𝑀𝑗𝑗) for copolymerization: 

𝑃𝑃0,𝑖𝑖 + 𝑀𝑀𝑗𝑗
𝑘𝑘𝑖𝑖𝑖𝑖𝑖𝑖,𝑖𝑖
𝑗𝑗

�⎯�  𝑃𝑃1,𝑖𝑖
𝑗𝑗  

5.2.3 Chain Propagation (PROP) 

The live polymer at each active site type grows or propagates through the addition of monomer 
molecules to form long polymer chains 

(3a) PROP: Chain propagation by monomer (𝑀𝑀): 

 

𝑃𝑃𝑛𝑛,𝑖𝑖 + 𝑀𝑀
𝑘𝑘𝑝𝑝,𝑖𝑖
��  𝑃𝑃𝑛𝑛+1,𝑖𝑖 

𝑃𝑃𝑛𝑛,𝑖𝑖  and 𝑃𝑃𝑛𝑛+1,𝑖𝑖 are polymer chains of length n and n + 1 segments. 

(3b) ATACT-PROP: Atactic propagation is a reaction considered in Aspen Polymers accounting for the 
formation of atactic polymer (see section 2.10.1 about tacticity and Figure 2.63), while the main 
propagation reaction represents the formation of all polymers including isotactic or atactic 

𝑃𝑃𝑛𝑛,𝑖𝑖 +𝑀𝑀
𝑘𝑘𝑝𝑝𝑝𝑝,𝑖𝑖
�⎯�  𝑃𝑃𝑛𝑛+1,𝑖𝑖 

𝑘𝑘𝑝𝑝𝑝𝑝,𝑖𝑖 is the rate constant for atactic chain propagation at site type i. We define the atactic fraction by 
dividing the amount of polymer produced by atactic propagation by that produced by total propagation: 

                               Atactic fraction = (rate of atactic propagation)/ (rate of total propagation) 



It is not possible to determine the rate constants for chain initiation and propagation separately, 
because of the limited types of data measurements available from experiments. Therefore, we set the 
rate constant for ethylene or propylene monomer chain initiation equal to the rate constant for 
propagation of ethylene or propylene monomer on ethylene or propylene active segments. Likewise, we 
set rate constants for comonomer chain initiation equal to the rate constants for homopropagation of 
these monomers. 

5.2.4 Chain Transfer Reaction (CHAT) 

Chain transfer to monomer, solvent or chain transfer agent usually involves the extraction of hydrogen 
from the small molecule by the active site and leads to the termination of the live chain. At the same 
time, a new vacant site is formed which can undergo chain initiation to start polymerization. 

 

(4a) CHAT-MON: Chain transfer to monomer (𝑘𝑘𝑡𝑡𝑡𝑡,𝑖𝑖
𝑗𝑗𝑗𝑗  is the rate constant for chain transfer to a monomer 

of type k reacting with a growing chain transfer ending with a monomer unit of type j at site type i): 

𝑃𝑃𝑛𝑛,𝑖𝑖
𝑗𝑗 + 𝑀𝑀𝑘𝑘

𝑘𝑘𝑡𝑡𝑡𝑡,𝑖𝑖
𝑗𝑗𝑗𝑗

�⎯�  𝐷𝐷𝑛𝑛 + 𝑃𝑃1,𝑖𝑖
𝑘𝑘  

(4b) CHAT-H2: Chain transfer to hydrogen (chain transfer to hydrogen generates a vacant site of type i, 
𝑃𝑃0,𝑖𝑖.  𝐷𝐷𝑛𝑛 is a dead polymer chain of length n). 

𝑃𝑃𝑛𝑛,𝑖𝑖 + 𝐻𝐻2
𝑘𝑘𝑡𝑡ℎ,𝑖𝑖�⎯�  𝐷𝐷𝑛𝑛 + 𝑃𝑃0,𝑖𝑖 

(4b’) CHAT-H2: Chain transfer to hydrogen for copolymerization (chain transfer to hydrogen and other 

transfer reactions generates a vacant site of type i, 𝑃𝑃0,𝑖𝑖.  𝐷𝐷𝑛𝑛 is a dead polymer chain of length n). 

𝑃𝑃𝑛𝑛,𝑖𝑖
𝑗𝑗 + 𝐻𝐻2

𝑘𝑘𝑡𝑡ℎ,𝑖𝑖
𝑗𝑗

�⎯�  𝐷𝐷𝑛𝑛 + 𝑃𝑃0,𝑖𝑖
𝑗𝑗  

5.2.5 Catalyst Deactivation (DEACT) 
 
The catalyst site deactivation involves the deactivation of active sites, vacant and propagation, to form 
dead sites. The catalyst site deactivation can occur spontaneously or by agents like cocatalyst, electron 
donors, hydrogen, monomers, or poisons. Different catalyst systems tend to be deactivated by a 
different subsets of these reactions, but spontaneous catalyst deactivation is most common. 
 
(5) DEACT-SPON: Spontaneous catalyst deactivation (𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝑖𝑖 is deactivated catalyst site of type i. 𝐷𝐷𝑛𝑛 is a 
dead polymer chain of n segments): 

𝑃𝑃0,𝑖𝑖
𝑘𝑘𝑑𝑑𝑑𝑑,𝑖𝑖�⎯�  𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝑖𝑖 

𝑃𝑃𝑛𝑛,𝑖𝑖  
𝑘𝑘𝑑𝑑𝑑𝑑,𝑖𝑖�⎯�  𝐷𝐷𝑛𝑛 + 𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝐷𝑖𝑖 

5.2.6 Catalyst Inhibition (INH) 

Inhibited sites have small molecules such as hydrogen or poisons attached. As a result, inhibited sites 
are temporarily blocked from becoming propagation sites. The site inhibition reaction is reversible. 



Therefore, the small molecule may dissociate from an inhibited site which then becomes a vacant site 
once again. 

(6) FSINH-H2 and RFINH-H2: Forward and reverse catalyst Inhibitions by hydrogen (𝐼𝐼𝐼𝐼𝐼𝐼𝐼𝐼𝑖𝑖  is the 
inhibited catalyst of site type i ): 

𝐶𝐶𝐶𝐶𝐶𝐶𝑖𝑖 + 𝑥𝑥𝑥𝑥2
𝑘𝑘𝑓𝑓𝑓𝑓𝑛𝑛ℎ,𝑖𝑖
�⎯⎯⎯�  𝐼𝐼𝐼𝐼𝐼𝐼𝐼𝐼𝑖𝑖 

𝐼𝐼𝐼𝐼𝐼𝐼𝐼𝐼𝑖𝑖
𝑘𝑘𝑟𝑟𝑟𝑟𝑟𝑟ℎ,𝑖𝑖�⎯⎯⎯�  𝐶𝐶𝐶𝐶𝐶𝐶𝑖𝑖 + 𝑥𝑥𝑥𝑥2 

5.2.7 Copolymerization Kinetics  

Comonomers are used to produce polyolefins of varying densities. We assume that the rate of 
propagation of a monomer (or comonomer) depends only on the active segment (last monomer added 
to the chain) and the propagating monomer. This is commonly referred to as the terminal model for 
copolymerization kinetics. 

(7) COMONOMER-PROP:   For a system with two monomers, we write the propagation reactions as 
follows ( 𝑘𝑘𝑝𝑝,𝑖𝑖

𝑗𝑗𝑘𝑘   is the rate constant for propagation, associated with site type i, for a monomer of type k 
adding to a chain with an active segment of type j): 

𝑃𝑃𝑛𝑛,𝑖𝑖
1 +𝑀𝑀1

𝑘𝑘𝑝𝑝,𝑖𝑖
11

��  𝑃𝑃𝑛𝑛+1,𝑖𝑖
1  

𝑃𝑃𝑛𝑛,𝑖𝑖
1 + 𝑀𝑀2

𝑘𝑘𝑝𝑝,𝑖𝑖
12

��  𝑃𝑃𝑛𝑛+1,𝑖𝑖
2  

𝑃𝑃𝑛𝑛,𝑖𝑖
2 +𝑀𝑀1

𝑘𝑘𝑝𝑝,𝑖𝑖
21

��  𝑃𝑃𝑛𝑛+1,𝑖𝑖
1  

𝑃𝑃𝑛𝑛,𝑖𝑖
2 + 𝑀𝑀2

𝑘𝑘𝑝𝑝,𝑖𝑖
22

��  𝑃𝑃𝑛𝑛+1,𝑖𝑖
2  

 

We note that the reaction rate constants listed in the chemical reactions above have the following 

standard Arrhenius form:  

                                                               𝑘𝑘 =  𝑘𝑘0 ∗ 𝑒𝑒
−𝐸𝐸 
𝑅𝑅(1𝑇𝑇 − 1𝑇𝑇𝑟𝑟

)                                                                (5.1) 

where ko is the pre-exponential factor, E is the activation energy, R is the ideal gas constant, and T is the 

temperature of the reaction system and Tr is the reference temperature.  

We discuss below our reasoning for including certain model reactions, and our simplification in ignoring 

other model reactions [1]. 

(1) Touloupidis [6] and Zacca and Ray [7] include the catalyst site activation by monomer (ACT-MON) 

and by electron donor (ACT-EDONOR) in their modeling studies. These reactions are available 

within the ZN kinetic model in Aspen Polymers when needed. 



(2) Chain transfer to transfer agent (CHAT-AGENT), to solvent (CHAT-SOL), to co-catalyst (CHAT-

COCAT), to electron donor (CHAT-EDONOR) follows a similar reaction to 4b, chain transfer to 

hydrogen (CHAT-H2). These reactions are available within the ZN kinetic model in Aspen Polymers. 

We ignore them as in references [4,5]. 

(3) Zhang et al. [9] include the beta-hydride elimination in their slurry HDPE modeling study. Soares 

and McKenna [1, p.162] state that this reaction produces metal hydride sites that are 

indistinguishable from those made by chain transfer to hydrogen. Therefore, it would be 

appropriate to consider only the reaction of chain transfer to hydrogen, without the reaction of 

beta-hydride elimination, as in references [4,5] 

(4) After considering chain-transfer reactions, Touloupidis [6] includes site-transformation reactions 

that convert one vacant catalyst site type to another by means of specific reactions, such as 

transformation to hydrogen, to cocatalyst, to solvent and to poison, as well as spontaneous site 

transformation. Touloupidis further states that “site transformation reactions do not seem to play 

an important role, as they are rarely employed. Moreover, they pose difficulties on the way site 

transformation can be experimentally measured and validated” [6, p. 518]. Therefore, we ignore 

site-transformation reactions. 

(5) As explained in reference [2], by adding hydrogen to polyolefin processes with ethylene as a 

monomer, the rate of polymerization decreases. We can model this effect by including the forward 

and backward catalyst site inhibition reactions because of hydrogen (FSINH-H2 and RFINH-H2). The 

rate constants of these inhibition reactions affect the polymer production rate. The Aspen 

Polymers model also calculates the equilibrium mole of inhibited catalyst sites (CISFRAC). 

(6) In certain polyolefin systems such as HDPE [4], we may get a bimodal homopolymer from a single 

reactor. This is different from the bimodal copolymer produced in a reactor series for HDPE 

[9,10,11], PP [12,13] or LLDPE [14] because of the difference in the hydrogen concentrations of the 

two reactors in series. We can model this bimodal copolymer by the forward and reverse catalyst-

hydrogen inhibition reactions (FSINH-H2 and RFINH-H2) [4]. The Aspen Polymers model also 

calculates the equilibrium mole fraction of inhibited catalyst sites (CISFRAC).  

(7) Many HDPE [4,8, 9, 10, 11], PP [5, 12,13] and LLDPE [14] models include the reaction of 

spontaneous catalyst deactivation (DEACT-SPON). For PP, the tacticity control agent deactivates a 

portion of the catalyst sites that produces atactic polymer. We account for this by the reaction of 

catalyst deactivation by tacticity control agent (DEACT-TCA) [5]. The Aspen Polymers model also 

includes catalyst deactivation reactions by hydrogen (DEACT-H2), by cocatalyst (DEACT-COCAT), by 



monomer (DEACT-MON), by poison (DEACT-POISON), and by electron donor (DEACT-EDONOR), as 

listed in [6]. In our workshops, we include DEACT-POISON and DEACT-H2 reactions. 

5.3 Modeling Considerations 

5.3.1 Reactor Types Chapter 4 of Soares and McKenna [1] describes the various types of reactors used 

for polyolefin processes, depending on the type of polyolefin, process technology and reactant phase. 

The most common reactors used in polyolefin processes are stirred autoclave or continuous stirred tank 

reactor (CSTR), loop reactor, fluidized-bed reactor (FBR), and horizontal stirred-bed reactor (HSBR). The 

modeling of the reactors requires certain assumptions.  

Table 5.1 gives examples of common reactor types in commercial polyolefin processes. We can model 

the stirred autoclave reactors in the Mitsui slurry HDPE process [4,9,10] and in the DOWLEX solution 

LLDPE process [25] as continuous stirred tank reactors (CSTRs).  Loop reactors are used in the Borstar 

slurry HDPE process [1, p. 120; 8, 11] as well as the Basell Spheripol [12,13; 1, p. 106] and Mitsui HYPOL 

[18,19] PP processes. In the modeling of a loop reactor when the recycle ratio is 30 or higher as 

calculated by Zacca and Ray [7], we can simulate the loop reactor as a CSTR. High recycle ratios give very 

low axial concentration gradient of the reactant and uniform temperature and residence time 

distribution (RTD) so that we can model a loop reactor as a CSTR. The loop reactors have a higher space-

time yield and a high ratio of heat transfer per unit volume. Luo et. al. [18], Zheng [26], among others, 

have modeled the loop reactor series as CSTRs for PP production.  

 

 

 

Table 5.1   Examples of Common Reactors for Producing Polyolefins 

Polymer Stirred 
autoclave, or 
continuous 
stirred tank 
reactor (CSTR) 

Slurry Loop 
Reactors 
(SLRs) 

Fluidized-Bed 
Reactors 
(FBRs) 

SLRs + FBRs Stirred-Bed 
Reactors 
(SBRs) 

HDPE Mitsui slurry 
process                      
[4, 9, 10] 

  Borstar 
bimodal 
process                    
[8, 11] 

 



PP  Loop reactor 
series [18,26] 

Univation 
UNIPOL [27] 

Basell 
Spheripol 
process [5, 12, 
13], HYPOL 
process 
[19,20] 

Innovene [5] 

LLDPE DOWLEX 
solution 
process [1, 25]  

Loop reactor 
series [14] 

Basell 
Spherilene 
[25],  
Univation 
UNIPOL [23] 

  

 

Fluidized-bed reactors (FBRs) are mainly used for gas-phase and mixed-phase processes, such as the 

Borstar bimodal HDPE [10,11], Basell Spheripol PP [12,13], Mitsui HYPOL PP [19,20], Basell Spherilene 

[25] and Univation UNIPOL [23] LLDPE processes. FBRs have a high overall conversion as well as high 

heat removal capacity. FBRs are mostly used as a finishing reactor for making copolymers in a series 

polyolefin process, as varying levels of comonomers can be added without any solubility issues. The high 

recycle ratios of the recycle gas lead to uniform temperatures and low concentration gradients in the 

FBRs, making it reasonable to model the FBR as a CSTR. Chen et al. [8] and Zhao et al. [11] have modeled 

the FBR as a CSTR in the finishing reactor for making bimodal HDPE. 

The HSBR (horizontal stirred-bed reactor) has been used for gas-phase polymerization processes, such as 

the Innovene (formerly BP Amoco) PP process [5]. It has a plug-flow characteristic and can be used for 

fast grade change and making wide variety of products. We can simulate the HSBR as a series of CSTRs 

to approximate the RTD of the plug flow [5]. 

5.3.2 Process Flowsheets 

Figures 5.3 to 5.8 illustrate the simplified flowsheets of several commercial polyolefin production 

processes that we use below to demonstrate our methodology for kinetic parameter estimation from 

plant data using simulation software tools. 



 

Figure 5.3 Mitsui slurry HDPE process: serial reactor configuration [4] 

 

 

Figure 5.4 Borstar bimodal HDPE process with a prepolymerization reactor, a slurry loop reactor (SLR), a 

flash unit, and a finishing fluidized-bed reactor (FBR) [11]. 

 



Figure 5.5 Polymerization section of the Mitsui HYPOL PP process: C201, C202 and C203- compressor; 

D201 and D202- slurry polymerization reactor (SLR); D203- fluidized-bed reactor (FBR); D221, 

D222, and D228- flash drum; E201, E202, E203 and E208- heat exchanger [20].  

 

 

Figure 5.6   Basell Spheripol PP process using two slurry loop reactors (SLRs), followed by a flash unit and 

a fluidized-bed reactor (FBR) for copolymerization [1] 

 

Figure 5.7. Innovene gas-phase PP process using a horizontal stirred-bed reactor [5]. 



 

Figure 5.8 Univation UNIPOL LLDPE process using a fluidized-bed reactor [15] 

5.3.3 Polymer Types 

HDPE, PP and LLDPE are mostly made using ZN catalysts. The strategy for process modeling and kinetic 

parameter estimation does not change when considering different polymers. We only need to include 

certain reactions specific to the polymers. For HDPE processes, it is appropriate to consider the forward 

and reverse catalyst inhibition reactions by hydrogen (FSINH-H2 and RFINH-H2) since the rate of 

polymerization for ethylene polymer decreases with the addition of hydrogen. For PP processes, we may 

consider the atactic propagation reaction (ATACT-PROP), depending on the atactic content of the 

polymer. The atactic polymer is amorphous and has a low commercial value; it is desirable to have a 

high isotactic PP (see Figure 2.63).  

5.3.4 Molecular Weight Distribution (MWD) and Multi-Modal Distributions 

The MWD of the polymer can be unimodal or multi-modal, depending on the operating conditions. The 

kinetic estimation and modeling strategy remain the same whether the MWD distribution is unimodal or 

bimodal. The homopolymer MWD is usually unimodal.  

For obtaining bimodal MWD in many polyolefin processes, the catalyst is exposed to two different 

operating conditions in a cascade of reactors. We can use two reactors in series to produce bimodal 

HDPE. The first reactor makes a low MWN HDPE with the help of a high hydrogen concentration, while 

the second reactor has a low hydrogen concentration producing a high-molecular-weight polymer. A 

comonomer alpha olefin is often added to make a copolymer. Chen et. al. [8] and Meng, et al. [10] have 

modeled the Borstar HDPE process to predict the bimodal MWD. In the Borstar process, the low-

molecular-weight homopolymer is made in the slurry loop reactor (SLR) and the high-molecular-weight 



copolymer is made in the FBR. There can be other reasons for obtaining a bimodal MWD apart from 

operating conditions if we obtain a bimodal MWD in a single reactor. The other reasons for bimodal 

MWD can be different types of reacting sites in the catalyst, inhibition of catalyst sites because of 

hydrogen or other poisoning and non-ideal mixing in the reactor [28]. 

5.3.5 Thermodynamics  

Thermodynamics is an essential part of process modeling. The polymer perturbed-chain statistical fluid 

theory (POLYPCSF) is one of the most useful thermodynamic models for simulating polyolefin processes 

[5,28]. The POLYPCSF model is based on the perturbation theory. The underlying idea is to divide the 

total intermolecular forces into repulsive and attractive contributions. The model uses a hard-chain 

reference system to account for the repulsive interactions. The attractive forces are further divided into 

different contributions, including dispersion, polar, and association. 

Another popular modeling of phase equilibrium in polyolefin processes is the Polymer Sanchez- 

Lacombe (POLYSL) equation of state [29, 30, 31]. It is based on the lattice theory, which states that fluids 

are mixtures of molecules and holes that are confined to sites in a lattice. 

We refer our readers to Chapter 2 for the details of the POLYSL (Section 2.6) and POLYPCSF (Section 2.8) 

models, and the guidelines for the selection of thermodynamic models for polymer process simulation. 

A correct thermodynamic model is very important in predicting certain commercial targets like the 

polymer solution density (not the polymer pellet density which depends on MWW and SCB content 

[10,17]). We use the polymer solution density to match the reactor residence time before estimating the 

kinetic parameters. 

5.3.6 Global Kinetics versus Local Kinetics [32] 

Reaction kinetics, like thermodynamics, are expected to be a global phenomenon. If the same catalyst is 

used in all the reactors, a good model should be capable of covering the full range.   

Using different kinetics in different reactors significantly raises the degrees of freedom in the problem, 

which is already quite complex. We should instead treat the data from the different stages of the 

process as a sort of ‘natural experiment’ to further confirm a single set of rate parameters.  

If we had samples after each stage, we could use the molecular weight distribution to further enrich our 

understanding of what is happening within the process.  



We have seen projects where engineers have used different kinetics in different reactors, or different 

kinetics for different product grades. We have also seen in some cases of force-fitting the kinetics where 

the concentration of catalyst sites per unit mass of catalyst (max sites) is not realistic (outside of the 

range from 1E-5 to 1E-3 mole of sites per g of catalyst [4]), or the inhibition reaction and catalyst 

poisoning reaction rate constants may not be correct, resulting in the incorrect catalyst activity 

predicted by the model. We always consider these as symptoms of an imperfect model. Using local 

kinetic models may be ‘over-fitting’ the limited available data, which can lead to bad extrapolations 

away from the base-case conditions. Since the goal of modeling is usually to optimize the process to 

increase throughput, improve quality, or reduce energy consumption, it is important to be able to 

predict behavior outside the current operating envelope.  

Additionally, when fitting a kinetic model, we should always use the reference temperature form of the 

kinetic expression, Eq. (5.1). This form makes the pre-exponential factor ko and the activation energy E 

independent of each other at Tr. Otherwise, small changes to E overwhelm the data fitting of the k 

values and the fitting algorithm usually fails. We also find it easier to compare rate constants when they 

are on a consistent reference temperature basis. 

5.4 Commercial Polyolefin Production Targets 

The important commercial production targets for kinetic parameter estimation of polyolefin processes 

are as follows. 

5.4.1 General Production Targets 

5.4.1a. Production Rate: We use the mass flow rate of polymer within the outlet stream from each 

reactor for a process with reactors in series for kinetic parameter estimation. It is an essential 

production target for process modeling since the production rates are important when considering 

production rate expansion for a process. The propagation reaction determines the polymerization rate 

hence directly affects the production rate.  

5.4.1b. MWN: The number-average molecular weight (MWN) of the polymer is an important target. 

MWN varies for different polymer grades. The reaction rate constants for chain transfer to H2 (CHAT-H2) 

and to monomer (CHAT-MON) significantly affect the molecular weight of the polymer since the 

reactions lead to breaking growing polymer chains and forming the dead polymer chains. 



5.4.1c. MI: In the literature, most empirical correlations for polyolefin MI with broad MWD or large PDI 

are based on the weight-average molecular weight (MWW).  For example, a general MI correlation with 

MWW is in the form of [15,16]: 

                                                                     MI = a (MWW) –b                                                            (5.2) 

where a and b are correlating parameters. For PP, the MI may depend on the MWW as well as the 

atactic fraction (ATFRAC), calculated by the atactic chain propagation reaction (ATACT-PROP) [3]. 

5.4.1d. Conversion: The conversion percentages of the monomer and the comonomer are required to 

determine the yield of the process. 

5.4.1e.  PDI: The polydispersity index is the ratio of the weight-average molecular weight to the number-

average molecular weight, MWW/MWN. It is an important polyolefin property. It is measured by 

performing gel permeation chromatography (GPC) of the polyolefin sample obtained at the product 

outlet or at each reactor outlet in a process with reactors in series. 

5.4.1f. SMWN and SPFRAC: SMWN represents the number-average molecular weight produced at each 

active catalyst site. SPFRAC is the weight fraction of polymer produced at each active site. They are 

determined by deconvolution of the polymer GPC curve and are required for estimating individual site-

specific kinetic parameters. See Section 5.5.2.3. 

5.4.1g. SFRAC and SCB: SFRAC is the mole fraction of segments of the comonomer and is usually 

determined by the short chain branching distribution (SCBD). The use of online Fourier transform 

infrared spectroscopy (FTIR) with gel permeation chromatography (GPC) permits the detection of the 

SCB as a function of the MWW [17]. We use this simulation target to predict the comonomer content in 

the copolymer. SFRAC depends on the comonomer kinetics. 

5.4.1h. Rho: The polymer density is usually measured for the pellets and correlated as a function of the 

MWW. For copolymerization, we often correlate the polymer density as a function of mole fraction of 

the comonomer and the MWW [10, 17]. In reference [10], the HDPE density obtained from ethylene 

copolymerization with comonomer 1-butene follows the following correlation: 

                                  𝜌𝜌 = ( 1 − 0.009165 xB0.148895) x [1.137247 – 0.014314 ln (MWW)]                  (5.3) 

where xB is the mole fraction of 1-butene. In reference [16], we see an example of correlating the 

polymer density to MWW and SCB content for a bimodal HDPE copolymer process: 



𝜌𝜌 = 1.0748 − 0.0241𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙 − 0.01145(
∑ 𝑚𝑚(𝑗𝑗)𝑆𝑆𝑆𝑆𝑆𝑆(𝑗𝑗)𝑤𝑤𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙(𝑗𝑗)𝑁𝑁
𝑗𝑗=1
∑ 𝑚𝑚(𝑗𝑗)𝑤𝑤𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙(𝑗𝑗)𝑁𝑁
𝑗𝑗=1

)0.47332                           (5.4) 

where m(j) is mass fraction of polymer formed at active site j, SCB(j) is the average short chain branching 
in copolymer formed at active site j, and  𝑤𝑤𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙𝑙(𝑗𝑗) is the weight chain length distribution of the 
polymer formed at active site j. 

5.4.1 Residence Time: This refers to the reactor residence time. It can be the residence time of each 

reactor in a process with a series of reactors. It is an important target affecting the polymer properties. 

The residence time is dependent on the polymer solution density, which depends on the 

thermodynamic property parameters. 

5.4.2 Polymer-Specific Targets:  

5.4.2a. CISFRAC: It is the ratio of the moles of the inhibited catalyst sites to the total number of moles of 

the catalyst sites. It may be considered as a target for HDPE process when catalyst inhibition reactions 

are considered. 

5.4.2b. ATFRAC: It is the ratio of the atactic propagation to the total propagation. It is a commercial 

target for atactic PP production. 

Table 5.2 gives examples of production targets for kinetic parameter estimation for modeling 

commercial polyolefin processes from plant data. 

 

 

Table 5.2 Examples of production targets for kinetic parameter estimation for modeling commercial 

polyolefin processes from plant data  

Polymer 
[reference] 

Prod.    
rate  

 

MWN 

and 
MI 

Conv SFRAC 

 

PDI Rho SMWN 
and 

SPFRAC 

Res. 

tim
e 

Polymer 
specific 

HDPE,                 
Khare et a. [2] 

✓ ✓ 

 

✓ ✓ ✓ ✓ ✓ ✓ ✓ 

HDPE,                         
Chen et al.  [8] 

✓ ✓  ✓ ✓ ✓ ✓ ✓  



HDPE,                        
Zhang et al. [9] 

✓ ✓  ✓ ✓  ✓   

HDPE,                         
Meng et al. 
[10] 

✓ ✓  ✓ ✓ ✓ ✓ ✓  

HDPE,                            
Zhao, et al. [11] 

✓ ✓ ✓  ✓ ✓ ✓ ✓ ✓ 

PP,                                        
Khare, et al. [5]  

✓ ✓ ✓ ✓ ✓  ✓ ✓ ✓ 

PP,                             
Zheng et al.  
[12] 

✓ ✓  ✓ ✓ ✓ ✓   

PP,                                     
Luo et al. [18] 

✓ ✓ ✓  ✓ ✓ ✓ ✓  

PP,                                   
You and Li [19] 

✓ ✓ ✓ ✓ ✓  ✓ ✓  

PP,                                   
Luo et al. [20]      

✓ ✓  ✓ ✓  ✓ ✓  

PE,                                  
Kou et al. 
[21,22] 

✓ ✓   ✓     

LLDPE, 
Touloupidis et 
al. [14] 

✓ ✓   ✓  ✓   

LLDPE,                         
Kashani at el. 
[23] 

✓ ✓   ✓  ✓   

 

We conclude this section, noting two points. 

(1) Not all production targets are fully independent of each other. As an example, MI typically 

depends on MWW for most polyolefins, and depends on atactic fraction (ATFRAC) for PP. In our 

simulation, we use a FORTRAN (“Calculator”) block to calculate the MI based on a correlation developed 

from past plant data using MWW and compare the calculated MI value with the current plant data. If 

the resulting deviation between the calculated and measured MI values is not acceptable, we would 



fine-tune the simulation parameters for better MWW predictions, and possibly update the MI-MWW 

correlation with new plant data. 

 (2)       Not all suggested production targets in reported modeling studies have the relevant plant data 

for model validation. Depending on the intended purposes for using the resulting simulation model and 

the accuracy requirements of model predictions, the model developers must decide if they wish to make 

a serious effort to collect plant data of certain production targets for validating the simulation model. 

Alternatively, they could use available data of relevant process variables or the values of simulation 

output variables as independent variables to develop soft sensors or inferential models (such as those 

based on neural networks [24]) for production targets (e.g., MI and ATFRAC) that are not routinely 

measured. 

5.5 Methodology for Polyolefin Kinetic Estimation 

Table 5.3 summarizes the important commercial production targets that we have considered for kinetic 

parameter estimation. The number of targets that can be used for estimation depends on the data 

availability. In our strategy estimating kinetic parameters, we first try to match some production targets 

in a single catalyst site model, and we fit the remaining targets after converting the single-site model 

into a multisite model. In this procedure, we consider the rate constants for all the reactions involved in 

the ZN polyolefin kinetics, including catalyst activation, initiation, propagation, chain transfer, 

deactivation and other polymer-specific reactions. The kinetic rate constants follow the Arrhenius form 

given in Eq. (5.1). As mentioned in Section 4.4.8, for polyolefin reactors operating in a small temperature 

range, we only estimate the pre-exponential factor ko and keep the activation energy E constant with 

values from the literature. Our methodology for kinetic parameter estimation does allow us to estimate 

the activation energy if necessary.  

Table 5.3 Production targets for single-site and multisite models 

Single-Site Targets  Multisite Targets 
Production Rate PDI of polymer 
MWN overall MWN produced at catalyst site  
Monomer Conversion Mass fraction for polymer produced at each site  
Comonomer Conversion or SFRAC Atactic fraction ATFRAC for each site for PP 
Polymer solution density Catalyst site inhibition fraction CISFRAC for each site for HDPE 
Residence time Rho /Polymer pellet density 
Atactic fraction ATFRAC for PP  

 



5.5.1 Efficient Use of Software Tool: Data Fit 

We develop models using Aspen Polymers and fit the kinetic parameters to plant data using the data fit 

tool, previously introduced in Chapter 3. Data fit is an efficient nonlinear regression tool that allows the 

user to determine statistically acceptable, kinetic parameters from constant, time-varying, or 

temperature-dependent laboratory measurements, or from matching the process simulation to plant 

targets. We can use point data or time-profile data for regression. We need to define the data with 

reconciled input variables and a standard deviation. We estimate the model parameters using the data 

within the specified range. We refer the reader to Section 3.8 for more discussion of the principle of 

data fit and will illustrate its application in Section 5.5.2.1 below. 

5.5.2 Flowchart of the Methodology for Kinetic Parameter Estimation 

Figure 5.9a shows our methodology for estimating kinetic parameters for polyolefin process models 

from plant data using simulation software tools, and Figure 5.9b shows an expanded version of the 

methodology.  In the following, we discuss the details of the algorithm and present illustrative 

applications to commercial polyolefin processes. We also give some useful suggestions based on our 

experiences in guiding practicing engineers to apply the methodology to several dozen commercial 

HDPE, PP, LLDPE and EPDM processes in the Asia-Pacific. 

                             
Figure 5.9a. The methodology for kinetic parameter estimation for polyolefin process models from plant 

data using simulation software tools. 

                        Single-Site                                                                        Multi-Site 

  

 

  Use data fit to regress reaction rate constants for 
ACT-SPON, ACT-COCAT, ACT-H2, PROPAGATION, and 
DEACT-SPON to match production rate, monomer 
and comonomer conversions, and monomer mole 
fraction in the copolymer product (SFRAC). Adjust 
max. sites parameter to match production rate if 
needed. 

GPC deconvolution to calculate n, SPFRAC and SMWN 

 

Calculate the values of the multi-site reaction rate 
constants for ACT-SPON, ACT-COCAT, ACT-H2, CHAIN-
INI, PROPAGATION, CHAT-MON, CHAT-H2 and FSINH-
H2 and RFINH-H2 from single-site and deconvolution 
results using equations (5.6) to (5.9). Assume the 
same rate constant values for DEACT-SPON for the 
multi-sites as calculated from single site.  



 

         

 

 

 

 

 

 

 

 

Figure 5.9b. An expanded version of the methodology for kinetic parameter estimation for polyolefin 
process models from plant data using simulation software tools. 

5.5.2.1 Multiple Product Grades and Single Active Catalyst Sites  

We first make a single-site model and try to estimate the kinetic parameters based on single-site 

production targets for multiple product grades. Using the production rate data for multiple grades, the 

data fit tool enables us to simultaneously regress the reaction rate constants for catalyst activation (ACT-

SPON, ACT-COCAT, and ACT-H2), propagation (PROPAGATION) reactions for monomer, and deactivation 

(DEAC-SPON) reactions, and any inhibition (FSINH-H2 and RSINH-H2) reactions if considered. This is 

different from most of the previous studies, including our previous work [4,5], which sequentially 

estimate these reaction rate constants.  

Before matching the production rates, we must ensure that the residence time matches plant data. We 

can adjust the PC-SAFT thermodynamic parameters and change the mixing model equation to adjust the 

polymer solution density. The residence time of the reactor depends on the solution density.  

We estimate the rate constants for propagation (PROPAGATION) reactions for the monomer using the 

production rate for the homopolymer and monomer conversion. We use the production rate for the 

copolymer and the ratio of the reaction rates of comonomer to monomer (SFRAC) or conversion of 

comonomer to estimate the rate constants of the propagation reactions for the comonomer.  

Use data fit to regress reaction rate constants for 
CHAT-MON and CHAT-H2 to match MWN. Regress 
reaction rate constants for FSINH-H2 and RFINH-H2 
for bimodal MWN. 

Use data fit to regress reaction rate constants for CHAT-
MON and CHAT-H2 to match MWN of each site and PDI 
(= MWW/MWN) with initial rate constant values from 
single-site results. Regress reaction rate constants for 
FSINH-H2 and RFINH-H2 for bimodal MWN. 

Use data fit to regress reaction rate constants for ATACT-
PROP for each site reaction to match ATFRACi  

Use data fit to regress reaction rate constants for 
ATAT-PROP to match the atactic fraction, ATFRAC for 
PP. 

Final Rate Constants 



For PP, we need to ensure that the isotacticity of the homopolymer matches the plant data. We do so by 

including the atactic propagation (ATACT-PROP) reaction and estimate the rate constant using the 

atactic fraction (ATFRAC), which is the ratio of the atactic polymer formed over the total polymer. We 

want the calculated ATFRAC to be close to [1 – isotacticity/100].  

For HDPE, we also consider the inhibition of the catalyst because of the polymers since the rate of 

polymerization decreases with hydrogen concentration for ethylene-based polymer reactions. We 

usually estimate the forward inhibition and backward inhibition (FSINH-H2 and RSINH-H2) reactions 

using the MWN. In the single-site model, we can also match the weight-average molecular weights and 

use them to estimate the rate constants of chain transfer to hydrogen and monomer/comonomer. 

Depending on data available, the melt index of polymer is also useful in matching the molecular weight 

of polymer. Melt index is usually a function of weight-average molecular weight (MWW), but for the 

case of polypropylene homopolymer, it is also a function of atactic fraction (ATFRAC). Section Section 

2.10.1. 

In case SFRAC and comonomer content data are not available, we may use the final polymer pellet 

density to estimate the comonomer propagation rate constants, as the polymer density depends on the 

SCB and comonomer content. 

Table 5.4 shows the major kinetic parameters that significantly affect the single-site production targets. 

Table 5.4. Major kinetic parameters affecting the single-site production target 

Single-Site Target  Major Kinetic Parameters Affecting the Target 
Production Rate Max sites parameter, propagation rate constant, catalyst 

activation, inhibition reaction 
MWN overall Chain transfer reactions –monomer and H2 
Monomer conversion Monomer propagation rate constant 
Comonomer conversion or SFRAC Comonomer propagation rate constant 
Reactor residence time Polymer solution density and thermodynamic property 

parameters 
ATFRAC Atactic propagation rate constant 
Melt Index Chain transfer reactions and ATFRAC 
Polymer pellet density Comonomer content/comonomer propagation rate constants 

 

We illustrate the application of the methodology to estimating the kinetic parameters for modeling a 

commercial Mitsui HYPOL PP process.  Supplement 5.1 [3] gives details of six polyolefin process 



modeling examples, including the process description, polymerization reactions, production targets, 

estimated rate constants, sensitivity analysis, model validations, etc.  

We demonstrate below the efficient use of data fit tool for the simultaneous estimation of kinetic 

parameters. 

Table 5.5 lists the plant data for single-site modeling for a commercial Mitsui HYPOL PP process of Figure 

5.5, and Figure 5.10 shows an Aspen Polymers simulation flowsheet of the process with the addition of 

one more fluidized-bed reactor, D204.  

 

Figure 5.10 An Aspen Polymers simulation flowsheet of the Mitsui HYPOL PP process. 

Table 5.5 Plant data for kinetic modeling a commercial Mitsui HYPOL PP process [33] 

   Grade 1 Grade 2 
Dataset Process 

parameters 
Reactor Production target Production target 

PROD123 Polymer 
production rate 
(kg/hr) 

D-201  1560 1560 

  D-202  3120 3120 
  D-203  6240 6240 
PROD4  D-204  8600 8600 



MWN123 Number-average 
molecular weight 
(MWN) 

D-201 60000 76000 

  D-202 63000 83000 
  D-203 77000 88000 
MWN4  D-204 80000 96000 
SFRAC4 Ethylene content 

in copolymer, 
mole fraction 

D-204 0.145 0.15 

     
PDI Polydispersity 

index 
D-201 5.50 5.60 

  D-202 5.52 5.70 
  D-203 5.54 5.80 
  D-204 6.00 6.20 
H2/C3H6 mole 
ratio x 10E3 

H2/monomer 
mole ratio in 
reactor overhead 

D-201 188 17 

  D-202 209 9.3 
  D-203 15 1.7 

 

To simplify the kinetic parameter estimation, we begin by setting some kinetic parameters to be equal. 

For example, we make the pre-exponential factors for propagation (PRPRE-EXP) from ethylene segment 

(C2-SEG) and from propylene segment (C3-SEG) to ethylene comonomer (C2H4) equal. Therefore, we 

use a Calculator (FORTRAN block) to make PRPRE-EXP PROPAGATION (C2-SEG/C2H4) equal to PRPRE-

EXP PROPAGATION (C3-SEG/C2H4). Supplement 5.1a gives additional details about this simplification. 

Our data fit application includes the simultaneous execution of two regression runs for the first three 

reactors D201 to D203, and a regression run for the fourth reactor, D204 that focuses on copolymer 

production. First, regression run RPROD123 varies the pre-exponential factors for spontaneous site 

activation (ACT-SPON), catalyst activation by cocatalyst (ACT-COCAT), propagation (PROPAGATION) 

reactions for monomer, and deactivation (DEAC-SPON) reactions, to match dataset PROD123 listed in 

Table 5.6. Next, regression RMWN123 varies the pre-exponential factors for chain transfer of propylene 

segment and of ethylene segment to H2 and to propylene monomer to match dataset MWN123. Lastly, 

regression RD204 varies the pre-exponential factors for chain propagation of propylene segment and 

from ethylene segment to comonomer C2H4, and chain transfer from propylene segment and from 

ethylene segment to comonomer C2H4, to match the datasets PROD4, MWN4 and SFRAC4. 



Table 5.6 demonstrates that the data fit tool enables us to accurately estimate the kinetic parameters 

for the single-site model that have the most impacts on specific production targets (see Table 5.4) for 

the Mitsui HYPOL PP process. The comparison between model predictions and production targets shows 

minimum errors of 0.37% to 3.22%. 

 

 

 

Table 5.6.  Comparison of single-site model predictions with production targets obtained by data fit    

 

       

5.5.2.2 Multisite Model and Deconvolution Analysis 

We now convert our single-site model into a multisite model by changing the specified number of sites 

in the model. We then make use of the gel permeation chromatography (GPC) analysis of the polymer 

samples. 

Using the GPC characterization data, we apply the deconvolution procedure first presented by Soares 

and Hamielec [34]. We deconvolute the MWD to determine the most probable chain length distribution 

(CLD) for each active catalyst site.  We assume that the CLD of the polyolefins produced by each active 

site of ZN catalyst follows the Flory distribution.  



We represent the instantaneous weight chain length distribution (WCLD) by averaging the distribution 

of each catalyst site in Eq. (5.5)  

W[logM] = ∑ 𝑤𝑤𝑖𝑖(2.30268 × 𝑀𝑀2 τ𝑖𝑖2𝑒𝑒−𝑀𝑀 τ𝑖𝑖𝑛𝑛
𝑖𝑖=1  )               (5.5) 

In the equation, W[logM]  is the mass fraction of the chains of polymer having molecular weight M in 

logarithmic scale; n is the total number of active sites;  𝑤𝑤𝑖𝑖 is the mass fraction of polymer formed at 

each site i;  τ𝑖𝑖 is the fitting parameter for each site i, which is equal to the inverse of the number-

average molecular weight of polymer formed at each site, that is,  τ𝑖𝑖 = 1/MWNi. Here, 𝑤𝑤𝑖𝑖  and MWNi are 

equivalent to the production targets SPFRAC and SMWN defined previously.  

5.5.2.3 GPC Data and Deconvolution Analysis to Estimate the Number of Active Catalyst Sites 

Gel permeation chromatography is a method of characterization used to determine the molecular 

weight distribution of a polymer.  A polymer sample travels down a tube containing a porous gel.  The 

longer polymer chains reach the end of the tube relatively quickly, while the shorter chains take longer 

because they become trapped in the pores of the gel.  Data collection consists of time of elution versus 

molecular weight.  These data yield a curve for the molecular weight distribution. 

We fit the model in equation (5.5) to the experimental GPC data and estimate the parameters by 

minimizing the difference between the model and experimental values. We estimate the minimum 

number of Flory distributions, n, required to describe the experimental MWD, which in turn gives the 

minimum number of active catalyst sites. We also estimate the MWN of polymer produced at each 

active catalyst site, MWNi and the mass fraction of polymer produced at each active site, 𝑤𝑤𝑖𝑖.  

Supplement 5.2, “An Illustration of Using Deconvolution Excel Spreadsheet”, gives an Excel spreadsheet 

and a detailed illustrative example for implementing the deconvolution of GPC data of MWD that our 

readers may download for use in their polyolefin processes. This supplement illustrates the procedure to 

develop the deconvolution results summarized in Table 5.7 from a homopolymer MWD from a UNIPOL 

LLDPE process. Supplement 5.1e presents details of our kinetic model and kinetic parameter estimation, 

including the reaction rate constants chosen and their initial values for this slurry HDPE process. Section 

5.8.5 gives another example of using the deconvolution Excel spreadsheet to determine the number of 

active catalysts for sites from GPC data from a commercial LLDPE process. 

Figure 5.11 plots the weight chain length distribution as given in equation (5.5) for the example of Table 

5.7. The figure shows the weight chain length distribution for each catalyst active site and distribution of 



the plant data. The sum of the three individual distributions of the catalyst site weighted with the mass 

fraction of polymer formed for each site predicts the chain length distribution of the polymer. 

 

Figure 5.11. GPC deconvolution of a homopolymer sample from a UNIPOL LLDPE process 

We use the rate constants from single-site modeling and the deconvolution results of Table 5.8 to 

further calculate the rate constants for the multi-site kinetics. We calculate the pre-exponential factors 

for catalyst activation reactions (ACT-SPON, ACT-COCAT and ACT-H2) at each site 𝑘𝑘𝑎𝑎𝑎𝑎 from the  single-

site value 𝑘𝑘𝑎𝑎,                                                                              

                                                                         𝑘𝑘𝑎𝑎𝑎𝑎 =  𝑘𝑘𝑎𝑎
𝑛𝑛

                                                                                    (5.6) 

Eq. (5.6) results from the fact that the concentration of potential catalyst sites is identical for both 

single-site and multisite models, but the concentration of vacant catalyst sites must be divided by the 

number of site types, n. We resolve this issue by dividing the pre-exponential factors for catalyst 

activation reactions by the number of catalyst site types, n [3]. 

We estimate the pre-exponential factor for the chain initiation reaction (CHAIN-INI) at each site by 

                                                                    𝑘𝑘𝑖𝑖𝑖𝑖 = 𝑘𝑘𝑖𝑖 ∗ 𝑤𝑤𝑖𝑖 ∗ 𝑛𝑛                                                                          (5.7) 

We calculate the pre-exponential factor for the propagation reaction (PROPAGATION) at each site by 

                                                    𝑘𝑘𝑝𝑝𝑝𝑝 = 𝑘𝑘𝑝𝑝 ∗ 𝑤𝑤𝑖𝑖 ∗ 𝑛𝑛                                                                               (5.8) 

Equations (5.6) to (5.8) give the actual values of the activation, chain initiation and propagation rate 

constants for the multisite model directly.  Based on our modeling experience with polyolefin processes, 

we find that further data fit runs that vary these reaction constants, obtained from applying equations 



(5.6) to (5.8), to match the relevant datasets for production rate, MWN, SFRAC, etc. within the multisite 

model, would produce only minimum or no changes to the reaction rate constant values. 

We calculate the initial value for pre-exponential factor for the chain transfer reaction (CHAT-MON and 

CHAT-H2) at each site by 

                                                                  𝑘𝑘𝑐𝑐𝑐𝑐 = 𝑘𝑘𝑐𝑐 ∗ 𝑤𝑤𝑖𝑖 ∗ 𝑛𝑛                                                                        (5.9) 

It is important to maintain the same relative contributions of chain transfer to hydrogen (CHAT-H2) and 

to monomer (CHAT-MON) from the same single-site model in the multisite model, to preserve the 

sensitivity of these reactions to the concentrations of hydrogen and monomer [3]. We do this by using a 

Calculator (FORTRAN block) in Aspen Polymers. 

To estimate the rate constants for chain transfer to H2 and to monomer for each site, we regress the PDI 

and MWN data for the polymer stream exiting each reactor, along with the SMWN results from GPC 

analysis. For more accurate estimates of these kinetic parameters, it is helpful to have these data 

obtained with varying H2 and monomer flow rates. In the example presented in Tables 5.5 and 5.8, we 

use the measured PDI and MWN data for the polymer stream exiting each reactor to estimates the chain 

transfer rate constants. We should also make sure that measured MWD matches the model MWD by 

matching the SMWN and SFRAC values obtained from GPC analysis. 

The other rate constants, such as the deactivation rate constants (DEACT-ACT and DEACT-TCA), and 

inhibition reactions (FSINH-H2 and RSING-H2), are all identical to those of the single-site model. If we 

consider the catalyst inhibition reactions (FSINH-H2 and RSING-H2), we must ensure that the total 

CISFRAC for the multisite model is the sum of CISFRACi for all single sites. Also, for the PP model, the 

ATFRAC considered should be the same for each site and matching the plant data. After updating all the 

rate constants, the multisite model matches all the targets. 

We continue to demonstrate our methodology for kinetic parameter estimation for multi-site model for 

the Mitsui HYPOL PP process of Figure 5.5 and Supplement 5.1a that we presented previously in Tables 

5.5 and 5.6 in Section 5.6.2.1. In the supplement, we see that the deconvolution analysis of GPC data 

gives 4 active catalyst sites for the process.  

To simplify the kinetic parameter estimation, we begin by setting some kinetic parameters to be equal. 

We make the pre-exponential factors for chain transfer (CTPRE-EXP) from ethylene segment (C2-SEG) 

and from propylene segment (C3-SEG) to propylene monomer (C3H6) and to ethylene comonomer 



(C2H4) equal. Therefore, we use a Calculator (FORTRAN block) to make PRPRE-EXP CHAT-MON (C2-

SEG/C3H6) equal to PRPRE-EXP CHAT-MON (C3-SEG/C3H6) and make PRPRE-EXP CHAT-MON (C2-

SEG/C2H4) equal to PRPRE-EXP CHAT-MON (C3-SEG/C2H4). We can see the pre-exponential factor and 

activation energy values for these reaction rate constants in Section A6 of Supplement 5.1a. 

We apply data fit to execute a regression run RPDI that varies the reaction rate constants for chain 

transfer to hydrogen (CHAT-H2) and to monomer C3H6 and comonomer C2H4 (CHAT-MON) in order to 

match the dataset PDI (and hence the MWW data) given in Table 5.5 from reactors D201 to D204 for 

two grades with different H2/C3H6 ratios in the reactor overheads. Section A6 of Supplement 5.1a 

shows the resulting reaction rate constants for the multisite model, and we note that the resulting pre-

exponential factors for chain transfer to hydrogen and to monomer are indeed different. Table 5.8 

compares minimum errors between the model predictions and plant data for PDIs. We note the percent 

errors between our model predictions and plant data in Table 5.6 (0.37% to 3.06%) and Table 5.8 (0.25% 

to 1.84%) are equivalent to or smaller than those in reported modeling studies for polyolefin processes 

(approximately 5% in our previous work for HDPE [2] and for PP [3]). 

Table 5.8.  Comparison of multi-site model predictions with production targets obtained by data fit  

 Grade one Grade two 
PDI D-201 D-202 D-203 D-204 D-201 D-202 D-203 D-204 

Plant data 5.50 5.52 5.54 6.00 5.60 5.70 5.80 6.20 

Model 

Prediction 

5.48 5.50 5.64 5.95 5.62 5.67 5.76 6.26 

Error % 0.25% 0.37% 1.84% 0.67% 0.33% 1.42% 0.68% 1.03% 

 

Table 5.9 shows the different reaction constants that have the major effect on the production targets in 

a multisite model. We can use sensitivity analysis as described in Section 5.6.3 to quantify the effect of 

varying kinetic parameters on the simulation targets. 

Table 5.9.  Major kinetic parameters affecting the multi-site simulation targets 

Multisite Targets Major Affecting Kinetic Parameters 

1. PDI of polymer Chain transfer reaction rate constant 



2. MWN produced at catalyst site 

and overall MWN 

Chain transfer reaction rate constant for each 

site 

3. Mass fraction for polymer 

produced at each site and 

overall production rate  

Propagation reactions for each site 

4. ATFRAC for each site Atactic propagation reaction rate constant 

5. Polymer solution density  Comonomer rate constants 

 

5.5.3 Efficient Use of Software Tools: Sensitivity Analysis 

Sensitivity analysis enables us to quantify the dependence of the production targets on the reaction 

kinetic parameters. The analysis helps us in deciding which directions to vary the operating conditions to 

match the production targets. Sensitivity analysis also helps in validating the kinetic estimation 

procedure for polyolefins. We illustrate below some examples of sensitivity analysis of the different 

polyolefin processes that we have modeled and estimated kinetics using our procedure.  

Supplement 5.1e gives details of our kinetic model and kinetic parameter estimation, including the 

reaction rate constants chosen and their initial values for the Unipol LLDPE process of Figure 5.8. 

Applying the sensitivity analysis, we illustrate in Figure 5.12a how varying the reaction rate constant for 

chain transfer to hydrogen, 𝑘𝑘𝑡𝑡ℎ,𝑖𝑖   of just one of the three active site affects the final LLDPE polymer 

properties, including the polydispersity index PDI, the number-average molecular weight at the chosen 

catalyst site SMWN, and the overall MWN. As we increase the reaction rate constant for chain transfer 

to hydrogen, both the SMWN and MWN decreases, while the PDI increases gradually. In other words, 

we can vary the hydrogen flow rate to change the rate of chain transfer reaction to achieve the desired 

MWN and PDI.  

As another example, for the Mitsui Hypol PP process of Figure 5.5 and Supplement 5.1a, Figure 5.12b 

illustrates that varying the reaction rate constant for chain transfer to monomer, 𝑘𝑘𝑡𝑡𝑡𝑡,𝑖𝑖  results in similar 

trends of changes in PDI, SMWN and MWN, as with the chain transfer to hydrogen. The similar trends 

observed in Figures 5.12a and 5.12b and in Figures 5.13a-5.13b and Figure 5.14a-5.14b below, support 

our approach of applying the same methodology for kinetic parameter estimation for modeling different 

commercial polyolefin processes from plant data. 



 

(a) 

 

(b) 

Figure 5.12. Sensitivity of the PDI, MWN and SMWN for the Unipol LLDPE process on the pre-

exponential factor of the reaction rate constant for (a) chain transfer to hydrogen, and (b) chain transfer 

to monomer. 

We demonstrate the further use of sensitivity analysis for the Unipol LLDPE process of Figure 5.8 and 

Supplement 5.1e. Figure 5.13a shows how increasing the per-exponential factor of the propagation rate 

constant, 𝑘𝑘𝑝𝑝,𝑖𝑖 for one of the three active sites increases the production rate and mass fraction of 

polymer produced at that site (SPFRAC).  



Supplement 5.1d gives details of our kinetic model and kinetic parameter estimation, including the 

reaction rate constants chosen and their initial values for the Basell Spheripol PP process of Figure 5.6. 

In Figure 5.13b, we show how increasing the atactic propagation rate constant increases the atactic 

fraction, ATFRAC, for the Spheripol PP process.  

 

(a) 

 

(b) 

Figure 5.13. (a). The sensitivity of the production rate and SPFRAC for the Unipol LLDPE process to 

changes in the propagation reaction rate constant; (b). The sensitivity of the atactic fraction ATFRAC to 

changes in the atactic propagation reaction rate constant for the Spheripol PP process. 

For the Mitsui slurry HDPE process with serial reactor configuration of Figure 5.3 and Supplement 5.1b, 

we show in Figure 5.14a and Figure 5.14b the sensitivity of the polymer production rate to changes in 

the reaction rate constants for catalysts activation by cocatalyst, 𝑘𝑘𝑎𝑎𝑎𝑎𝑎𝑎,𝑖𝑖,    and for spontaneous catalyst 

deactivation 𝑘𝑘𝑑𝑑𝑑𝑑,𝑖𝑖 for one of the five active catalyst sites. 

 



(a) 

       

(b) 

Figure 5.14. The sensitivity of the production rate for the slurry HDPE process to changes in the reaction 

rate constant for (a) catalyst activation by cocatalyst, and (b) spontaneous catalyst deactivation.                                                                                  

Figure 5.15 illustrates the sensitivity of the MWD from a Mitsui slurry HDPE process of Figure 5.3 and 

Supplement 5.1b to changes in the reaction rate constant for forward catalyst inhibition by hydrogen,  

𝑘𝑘𝑓𝑓𝑓𝑓𝑓𝑓ℎ,𝑖𝑖  ,  for two different of the five active catalyst sites. The MWD of the HDPE produced from a single 

reactor can change from unimodal to bimodal. This happens since the difference in the rate of inhibition 

for different catalyst sites. 

 

Figure 5.15. Sensitivity of the MWD from a Mitsui slurry HDPE process to changes in the reaction rate 

constant for catalyst inhibition for two different of the five active catalyst sites. 

Figure 5.16 shows the effect on the production rates for the two horizontal bed reactors (represented as 

P1, P2 in the figure) in the Innovene gas-phase PP process of Figure 5.7 by varying the pre-exponential 

rate constant of propagation reaction for a particular active site. The details of the process are available 

in Supplement 5.1c. 



 

Figure 5.16. The sensitivity of the production rate from an Innovene gas-phase PP process to changes in 

the propagation reaction rate constant.                                                                                                                                        

5.5.4 Efficient Use of Software Tools: Design Specification 

Design specification (design spec) is an important tool that supports process modeling and kinetic 

estimation. While sensitivity analysis quantifies an increasing or a decreasing trend of a production 

target when varying a reaction rate constant within a chosen range of values, applying the design spec 

enables us to identify the reaction rate constant value within the chosen range to reach a specific 

production target. 

Design spec is particularly useful in converging models of polyolefin processes having recycle loops. We 

can fix a particular ratio of components in a recycle stream and the model can vary input flow rates to 

maintain the ratio.  As an illustration, in the Spheripol PP process of Figure 5.6 and Supplement 5.1d, we 

can use a design spec to maintain the ratio of ethylene to propylene in a recycle stream into the 

fluidized-bed reactor where the stream is a combination of the overall recycle stream and a feed of 

ethylene and hydrogen. Design spec varies the flow rates of ethylene (comonomer) and the hydrogen to 

maintain the desired ratio of ethylene and propylene in the recycle stream.  Similarly, we can use 

another design spec for the recycle flow into the loop reactor by varying the flow of the propylene and 

hydrogen in the feed stream. Figure 5.17 show a flowsheet of the Spheripol PP process with the design 

specs [35]. 



 

Figure 5.17 Spheripol PP process flowsheet indicating the design specification 

Specifically, for the Spheripol PP model, we define the design specs as follows:  

1) Design specification for the hydrogen mass fraction in the recycle stream entering the loop 

reactor, while the manipulated variable is the make-up hydrogen flow rate  
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2) Design specification for ratio of propene to ethylene in the recycle stream entering the fluidized- 

bed reactor, while the manipulated variable is the flow rate of ethane. 

Table 5.10 shows the design spec results.  

Table 5.10: Design specification for the Spheripol PP process 

5.5.5 Model Applications 

A polyolefin process model validated by plant data can have many useful applications. The model will be 

helpful for the capacity expansion of the current plant. The model will also be useful in the process 

development stage for a new plant. We can use the validated model to study the effect of changes in 

process variables on production targets.  

We can use the model to change certain production target, while maintaining the same value for other 

targets. As an example, we can vary certain process conditions to make polymer grades of different 

MWNs for the same throughput as shown in Figure 5.18.  It shows a sensitivity analysis for the effect of 

changes in hydrogen flow rates on MWN, while the production rate remains same for the UNIPOL LLDPE 

process. 

 In another application of the model, we can increase the throughput, while keeping the same MWN 

using design specification and we demonstrate this on the UNIPOL LLDPE process as well. We use design 

specification to vary the hydrogen flow rate to keep the same MWN at around 29000, while increasing 

the production rate of LLDPE from 2400 to 3200 kg/hr. Table 5.11 summarizes the results of the UNIPOL 

process design specification. Lastly, when combined with process control and optimization techniques, a 

validated model can be useful for polymer quality control and effective polymer grade changes.  

  Design 

specification 

Target  

Value 

Model 

Result 

Initial 

Vary 

(kg/hr) 

Final 

Vary 

(kg/hr) 

Range set 

(kg/hr) 

1 4 e-5 3.9e-5 0.1 0.16 0.01 -10 

2 0.5 0.48 1000 3250 5- 1000 
 

   

      

 



 

Figure 5.18. Sensitivity Analysis of the MWN and production rate on changes in hydrogen flow rates on 

the Unipol LLDPE process  

Table 5.11. Design specification for the UNIPOL LLDPE process 

Target MWN Model MWN Initial H2 

flow (kg/hr) 

Final H2 flow 

(kg/hr) 

Range set 

(kg/hr) 

29194 29217 4938 7515 3000-9000 

 

5.6  Workshop WS 5.1: Simulation of a Slurry HDPE Process 

5.6.1 Objective 

In this workshop, we simulate a slurry HDPE process [1]. The process consists of two CSTRs in series. The 

workshop is based on HDPE production process of a petrochemical company in the Asia-Pacific region. 

We simulate a simplified open-loop flowsheet of the plant, focusing more on the Ziegler-Natta reaction 

part. In this workshop, the kinetic rate constants and the minimum number of active catalyst sites are 

available. So, the focus is on building a HDPE process model and not estimating kinetic parameters. We 

also convert our simple open-loop model to a closed-loop plant model and perform sensitivity analysis 

5.6.2 Process Flowsheet  

Figure 5.19 shows a simulation flowsheet of a complete process, and Figure 5.20 displays a simplified 

simulation flowsheet for the current workshop. In Figure 5.20, D201 and D221 are CSTRs, and 201F and 



221F are flash units. We save the simulation file for Figure 5.20 as WS5.1a HDPE_Open Loop.bkp, and 

continue the current workshop with this file. 

 

Figure 5.19 A complete simulation flowsheet of a slurry HDPE process in a series configuration. 

 

Figure 5.20 A simplified open-looped simulation flowsheet of a slurry HDPE process in a series 
configuration for workshop WS10-1a. 

5.6.3 Unit System, Components, Characterization of Oligomer, Polymer and Site-Based Species 
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We use METCBAR unit system for this process. Figures 5.21a and 5.21b show the components used in 

the simulation of the slurry HDPE process, and the associated enterprise databases chosen. 

 

Figure 5.21a Component specifications 

 

Figure 5.21b. Enterprise databases chosen. 

Ethylene and 1-butene are monomer and comonomer, respectively, with each having a repeated 

segment; and we assume the oligomer, LP, contains 19 repeated ethylene segments (Figure 5.22). TICl4 

is catalyst, and TEAL (triethyl aluminum) is cocatalyst. Hydrogen is chain transfer agent, and hexane is 

solvent. Nitrogen is a purge gas, and CH4, C2H6 and C4H10 are impurities. 

 

Figure 5.22 Definition of segments and representation of oligomer LP. 



To characterize the polymer, HDPE, we choose the default attributes for Ziegler-Natta selection. See 

Figure 5.23. 

 

Figure 5.23 Characterization of Ziegler-Natta polymer attributes. 

Figure 5.24 shows the characterization of the ZN catalyst, TiCl4, under site-based species. To understand 

the meanings of the attributes, click on one of the attribute names and you will see a table of attribute 

selection on the right of the figure, explaining each attribute. 

 

Figure 5.24 Characterization of ZN catalyst and attribute selection 

5.6.4 The Role of Solid Polymer in Phase-Equilibrium Calculations 

In the reactor, ethylene molecules react to form long polymer chains.  In the slurry process, the reactor 

temperature (70 to 85 °C) is below the melting point of the polymer (140 °C).  The polymer molecules 

solidify upon formation, creating a slurry system. 

In the actual process, the solid polymer does not interact thermodynamically with the other 

components in the reactor.  Our primary assumption in phase calculations is that the polymer is 

dissolved in the liquid phase with the solvent, as would be the case in solution polymerization of 

ethylene, where the reactor temperature would be above the melting point of the polymer.  Although 

this modeling simplification does not represent the physical picture of what is happening in the slurry 



polymerization of ethylene, the effect of it in the thermodynamic modeling is relatively small.  Figure 

5.25 illustrates the difference between the actual conditions and the modeling assumption [4]. 

 

Figure 5.25 A comparison between the actual slurry system and the modeling assumption that the 

polymer is dissolved in the liquid phase with the solvent. 

In reference [4], we have presented quantitative evidence to demonstrate that we can make this 

assumption without undermining the robustness of the reactor model. 

5.6.5 Thermodynamic Model and Parameters 

We use the polymer Sanchez-Lacombe equation of state (POLYSL), presented previously in Section 2.6, 

for the slurry HDPE process [2]. The model is given by: 

                                    (5.10) 

where 

               (5.11) 

are the reduced density, pressure, and temperature, respectively; and ρ*, P* and T* are the scale 

factors that completely characterize each pure fluid. They correspond to pure component (unary) 

parameters SLRSTR, SLPSTR and SLTSTR within Aspen Polymers. See Figure 5.26 for entering the 

parameter values according to the online help for “Sanchez-Lacombe unary parameters” in Aspen 

Polymers. 



 

Figure 5.26 Pure component parameters for POLYSL thermodynamic model:                 

Properties->Methods -> Parameters -> Pure Components -> PURE-1 

To model the copolymer production, we include binary interaction parameters. Through the online help 

for “Sanchez-Lacombe binary parameters” in Aspen Polymers, we see the temperature-dependent 

expressions for two binary interaction parameters: 

             (5.12) 

(5.13) 

where Tr is the reduced temperature defined by T/Tref , and the default value of reference temperature 
Tref is 298.15 K. We enter the parameter values of these two equations (see Tables 5 and 6 in [2]) in 
Aspen Polymers following the path: Properties->Methods -> Parameters -> Binary Interaction -> SLKIJ-1 
and SLETIJ-1. See Figures 5.27. 

 



 

Figure 5.27 Binary interaction parameters for POLYSL thermodynamic model [2]. 

5.6.5 Pure-Component Parameters 

To extract the property parameters for pure components from the Aspen Polymers databanks, we 
follow the path: Properties -> Components ->Specifications -> Review (see Figure 5.28): 

 

Figure 5.28 Review of property parameters for pure components 

We then see the listing of parameter values by following the path: Properties -> Methods -> Parameters 
-> Pure Components -> Review-1.  See Figure 5.29. 



 

Figure 5.29 Extraction of pure-component property values from Aspen Polymers databanks. 

We need to input several other scalar and temperature-dependent parameters for pure components. 
First, we enter the estimated or literature values of scalar pure-component parameters that are not 
available within Aspen Polymer databanks: Properties->Parameters ->Pure Components ->New -> Scalar 
-> Enter parameter name and value. Figure 5.30 shows the assumed values of critical temperature (TC) 
and critical pressure (PC) for our catalysts. 

 

Figure 5.30 Assumed values of critical pressure PC and critical temperature TC for ZN catalyst TiCl4 and 
cocatalyst triethyl aluminum (TEAL). 

We also enter the estimates the critical parameters for the oligomer LP: Properties -> Parameters ->Pure 
Components ->New -> Scalar -> Name: LPCrit ->Enter parameter name, unit and value (see Figure 5.31). 

 

Figure 5.31 Assumed values of critical prrssure PC, critical temperature TC  and                                         
compressibility factor ZC for oligomer LP. 

Next, to ensure that polymer HDPE, oligomer LP, and catalysts TiCl4 and TEAL do not valorize, we can 
specify the first parameter in the T-dependent liquid vapor pressure correlation PLXANT-1 to a large 



negative number like -40. This will make the vapor pressure of these four components extremely small 
(4.24 E-23 Bar) [36]. See Figure 5.32. 

 

Figure 5.32 Setting the first parameter of the T-dependent liquid vapor pressure correlation PLXANT-1 to 
a large negative number of -40 to ensure the selected components remaining in the liquid phase. 

Lastly, it is important that we compare the predictions of thermophysical properties of components 
using the POLYSL thermodynamic method with the reported experimental data in order the validate our 
selection of POLYSL as an accurate thermodynamic method for the slurry HDPE process simulation [4]. 
We refer the reader to WS 2.3, Section 2.7 for this validation. 

5.6.6 Feed Streams 

The feed to the first reactor consists of the ethylene monomer feed (C2), catalyst (CAT), solvent (HX), 
hydrogen (H2), oligomer stream recycled from the separation section(ML1), which are combined in a 
mixer (M1) before entering the first reactor (D201) in series. 

The feed to the second reactor (D221) consist of the outlet from the first reactor and the commoner 
butane (C4), ethylene monomer (C2), hydrogen(H2), solvent (HX), and oligomer (ML2) streams. 

We input the essential data for these feed streams specified in Table 5.12 under Simulation -> Streams: 

Table 5.12 Specifications of feed streams 

Stream T(C) P(bar) Flow  Mass Fraction 
C2 40 13 5588 kg/hr C2H4 = 0.9998; 

C2H6 
=0.0001;CH4=0.00
01,H2=1E-6  

CAT 20 7 255 kg/hr TiCl4 = 0.005;TEAL 
= 0.005; HX = 0.99 

H2 25 1.0125 36 cum/hr H2 = 0.9773 ;CH4 
= 0.0227 

HX 40 14 3500 kg/hr HX = 1 
ML1 67 14.5 5300 kg/hr LP = 0.05 ; HX = 

0.95 
C4 116 13.4 96 kg/hr C4H8 =0.983 ; 

C4H10 = 0.017 

    



C22 40 13 5412 kg/hr C2H4 = 0.9998; 
C2H6 
=0.0001;CH4=0.00
01,H2=1E-6 

H22 25 1.0125 8.68 cum/hr H2 = 0.9773; CH4 
= 0.0227 

HX2 40 14 2000 kg/hr HX = 1 
ML2 240 1.45e6 8780 kg/hr LP = 0.05 ; HX = 

0.95 
N2 20 8 20 kg/hr N2 = 1 

 

 C2H4 C4H8 TEAL HX LP N2 C2H6 
ML1 2.27 4.53 0.19 5023.31 267.862 0.70 1.14 
ML2 3.77 7.52 0.32 8320.55 444.752 1.19 1.9 
Unit: kg/hr   Both ML1 and ML2 at 67 C, 14.5 bar  Total mass flow: ML1=5300 kg/hr; ML2 =8780 kg/hr 

 

    

     

 

Referring to Figure 5.24 where we define the site-based species attributes for catalyst TiCl4, we show 
below how to enter the initial attribute values for stream CAT. See Figures 5.33 and 5.34. 

 

Figure 5.33 Specification of initial site-based species attributes for CAT stream: Setting potential site 
mole flow (CPSFLOW) to zero. Do the same for potential site mole fraction (CPSFRAC), dead site mole 

flow (CDSFLOW) and dead site mole fraction (CDSFRAC). 

 

Figure 5.34 Specification of initial site-based species attributes for CAT stream: Setting the mole flow of 
the first inhibited site S_1 (CISFLOW) to zero. Do the same for the mole fraction of first inhibited site S_1 



(CPSFRAC), mole flow of the first vacant site S_1 (CVSFLOW) and mole fraction of the first vacant site 
S_1 (CVSFRAC). 

5.6.7 Ziegler-Natta Kinetics Specifications 

We create a Z-N reaction set, named ZN: Reactions ->New-> ID = ZN, Reaction type= Ziegler-Nat -> 
Species (see Figure 5.35): 

 

Figure 5.35 ZN kinetics reaction species specification 

We have previously specified in Figure 5.24 the number of active catalyst sites as 5. We generate the 
reactions by including:    

(1) 5 catalyst site activation by cocatalyst reactions (ACT-COACT), with one reaction per active catalyst 
site;                                                                                                                                                                                             
(2) 10 chain initiation reactions by monomer C2H4 and by comonomer C4H8, with two reactions per 
active catalyst site;                                                                                                                                                                      
(3) 20 chain propagation reactions (PROP) of reacting polymer chain Pn[C2H4] with C2H4 and C4H8, and 
reacting polymer chain Pn[C4H8] with C2H4 and C4H8, totaling 4 reactions per active catalyst site;                                                     
(4) 10 reactions of chain transfer to hydrogen (CHAT-H2) by reacting polymer chain Pn[C2H4] with H2, 
and reacting polymer chain Pn[C4H8] with H2, with two reactions per active catalyst site; and                                                       
(5) 5 spontaneous catalyst deactivation reactions (DEACT-SPON), with one reaction per active catalyst 
site type; and (6) 5 forward and 5 reverse catalyst inhibitions by hydrogen (FSINH-H2 and RFINH-H2), 
with one reaction per active catalyst site type. Figures 5.36a to 5.36b show the 60 reactions generated. 



 

Figure 5.36a Z-N reactions for HDPE - part 1. 

 

Figure 5.36b Z-N reactions for HDPE - part 2. 

 

To specify the reaction rate constants, we follow the standard Arrhenius form, Eq. (5.1). Supplement 
WS5.1a gives the numerical values of the pre-exponential factor 𝑘𝑘0 and the activation energy E for each 
reaction. 



In [2], we developed the oligomer reactions for both reactors D201 and D221 based on plant data. We 
include the same empirical reaction in the current simulation. See Figures 5.37a to 5.37b: 

  

Figure 5.37a Stoichiometry for oligomer reaction WAX1 for first reactor D201 and for oligomer reaction 
WAX2 for second reactor D221. 

  

Figure 5.37B. Specification of kinetic parameters for oligomer reaction WAX1. For oligomer reaction 
WAX2, k = 4.2, and E = 1.6172 cal/mol. 

5.6.8 Specifications of unit operations and chemical reactor blocks 

5.6.8.1 Mixers (Figure 5.38) 

 

Figure 5.38 Specification of no pressure drop for mixer M1. Same specification for mixer M2.  

5.6.8.2 Reactors (Figures 5.39 to 5.42) 

 



Figure 5.39 Specification of the first reactor D201. For second reactor D221,                                                           
change pressure to 3.5 bar, and temperature to 80 C. 

 

Figure 5.40 Specification of reactions R1 and WAX1 for the first reactor D201.                                                                                 
For second reactor D221, replace reaction WAX1 by reaction WAX2. 

 

Figure 5.41 Specification of mass-balance convergence scheme (Newton) and number of maximum 
iterations (200) for both reactors D201 and D221. 

5.6.8.3 Specification of flash drums (Figure 5.42) 

 

Figure 5.42 Specification of flash drum 201F. For flash drum 221F, change temperature to 80 C. 

5.6.9 Simulation results 

Table 5.13 shows the simulation results. For Aspen Polymers to show the computed component 
attributes such as MWW and PDI, and display the flow rate in mass unit, we follow the path: stream 
summary -> display option -> full option (showing component attributes) -> flow: mass, composition: 
mass. 

                   Table 5.13 Simulation results from the open-loop HPDE flowsheet of Figure 5.20 

  Mass flow, 
kg/hr 

Feed D201OUT Slurry Feed2 D221OUT    



Total 
stream, 
kg/hr 

14646.3 14646.3 14646.3 16308.8 30927.6 

Selected 
component, 
kg/hr 

     

C2H4 5589.15 14.6007 12.2919 5414.68 35.982 
C4H8 4.53 4.53 4.32593 101.945 106.271 
HDPE 0 5374.93 5374.93 0 10574.9 
LP 267.862 470.17 470.17 444.752 1006.66 
HX 8776.24 8776.24 8752.46 10320.6 19073 
Component 
attribute 

     

MWN  7769.51   15038.7 
MWW  110123   80781.1 
PDI  14.1737   53.7154 
Mass flow, 
kg/hr 

Feed D201OUT Slurry Feed2 D221OUT 

*Ethylene conversion to HDPE = 10574.9/(5589.15 +5414.68) = 
96.10% 

 

We use the mass-balance results of Table 5.13 to share a tip to speed up the convergence of some 
reactor simulations. Previously, we demonstrated in Figure 5.43 to increase the number of maximum 
iterations to 200. On the same convergence input form of Figure 5.43, we see the “estimate” folder. 
Based on the mass flow rate of FEED stream to the first reactor D201, and the total mass flow rate of 
D201OUT and Feed2 entering the second reactor D221, and assuming a C2H4 conversion of 97% to 
HDPE and a negligible vaporization of HX within the reactor, we can estimate the key component mass 
flows exiting both reactors in streams D201OUT and D221OUT. See Figure 5.43. 

 

Figure 5.43 Estimate of key component mass flow rates exiting reactors D201 and D221 to speed up 
convergence of reactor simulations 

For the current workshop, we find that adding this mass flow estimates is not necessary, but for more 
difficult reactor simulation problems (such as the closed-loop simulations below), this approach could 
speed up the convergence of reactor simulation. 



5.6.10 Sensitivity Analysis 

We vary the hydrogen flow rate to the second reactor, D221, and investigate its effects on the MWN, 
MWW and mass flow rate of the HDPE product. See Figures 5.44a to 5.44e. As expected, increasing the 
hydrogen mass flow rate results in increase in the chair-transfer reactions, and smaller molecular 
weights MWN and MWW, and HDPE production rate.  

 

Figure 5.44a Define the independent variable for sensitivity analysis S-1. 

 

Figure 5.44b Define the dependent variables for sensitivity analysis S-1. 

 

Figure 5.44c Define the display variables for sensitivity analysis S-1. 



 

Figure 5.44d Effect of hydrogen inlet flow rate to reactor D221 on the product molecular weights. 

 

Figure 5.44e Effect of hydrogen inlet flow rate to reactor D221 on the HDPE product mass flow. 

5.6.11 Closing the Recycle Loops 

We first save the open-loop simulation file, WS5.1a Open Loop HDPE.bkp as WS5.1b Closed Loop 
HDPE.bkp, and begin to modify the flowsheet. Specifically, we add two essentially identical recycle 
loops. This loop includes coolers (exchangers E201 and E221), flash drums (D205 and D225), 
compressors (C201 and C221), stream splitters (S1 and S2), pumps (P201 and P202), plus makeup 
hexane steams HX1 and HX4 to flash drums, and HX3 and HX5 to pumps. Figure 5.45 shows the closed-
loop flowsheet. 



 

                                        Figure 5.45 A closed-loop flowsheet of the slurry HDPE process. 

Table 5.14 specifies the new unit operation blocks. All the HX nakeup streams have a mass fraction of 
hexane (HX) of 1.0. The mass flow rates are: HX201 - 440 kg/hr, HX205 - 584 kg/hr, HX221 - 115 kg/hr, 
and HX225- 120 kg/hr (all for HX makeup streams are at 40°C and 1 bar). 

Table 5.14 Specifications of unit operations 

 

To speed up the simulation convergence, we follow Figure 5.43 and enter the estimates of key 
component mass flow rates exiting reactors D201 and D221.  We change the flash options of recycle 
coolers E201 and E221 following Figure 5.46. 

 



 

Figure 5.46 Flash option input for recycle cooler E201 (and E221). 

We also change the method for tear convergence to Broyden. See Figure 5.47. 

 

Figure 5.47 Setting the method for tear convergence to Broyden method. 

We then run the simulation, which does converge. We save the simulation file as WS5.1b HDPE Closed 
Loop.bkp. Table 5.15 shows the resulting mass balance of key components and their attributes. 

Table 5.15 Simulation results from the closed-loop HDPE flowsheet of Figure 5.45 

Stream Name Feed Feed2 Slurry SL2 
C2H4 5589.14 5414.68 8.442203 66.0835 
C4H8 4.53 101.945 4.53 101.761 
HDPE 0 0 5028.21 10178.8 
LP 267.862 444.752 823.494 1444.41 
MWN   25550 51106.9 
MWW   214919 291821 
PDI   8.41171 57.1002 
*Ethylene conversion to HDPE = 10178.8/ (5089.14 +5414.68) = 92.5% 

 

The resulting ethylene conversion is slightly low. However, this workshop does not involve further 
validation with plant data to fine-tune the model parameters, such as kinetic parameters, to improve 
the simulation results. 

5.7 Workshop WS5.2: Simulation of Stirred-Bed Gas-Phase PP Process 

5.7.1 Objective 

The objective of this workshop is to demonstrate how to develop a simulation model for a gas-phase 
polypropylene using stirred-bed reactors. We model the process based on publically available process 
patents [37 to 41] and research articles [5,42 to 47].  Unlike slurry and solution processes, no liquid 
phase is present in the reactors, and only vapor and solids are present. There is also no solvent or liquid 



monomer to separate from the polymer, purify and recycle. We show how to develop both open-loop 
and closed-loop processes. 

5.7.2 Process Description 

Figure 5.48 shows a simplified diagram of a gas-phase PP process using a stirred-bed reactor [44].  
Polymerization takes place in a horizontal stirred-bed reactor that operates between 66 and 75 °C and 
between 20 and 25 bar [44].  Reactor offgas is condensed, flashed, and returned to the reactor.  The 
vapor recycle enters at various points along the bottom of the bed at a sufficiently low flow rate to avoid 
bed fluidization.  The liquid recycle is sprayed at various locations along the top of the reactor.  The 
vaporizing liquid absorbs most of the exothermic heat of polymerization, allowing for 10 to 15% 
conversion per pass to maintain a constant reactor temperature [44].  Fresh propylene enters the 
process at the overhead flash unit.  Ethylene also enters here, for copolymerization processes.  Fresh 
hydrogen, used for molecular weight control (chain-transfer agent), enters at the vapor recycle stream.  
Catalyst deactivation agents may enter the vapor recycle stream also.  A small portion of the vapor 
recycle stream is vented to remove propane and ethane that accumulate in the recycle loop. 

 

Figure 5.48 A simplified diagram of a gas-phase PP process using a stirred-bed reactor                                            
for making a homopolymer [44]. 

The PP process uses a titanium-based catalyst and an aluminum-alkyl-based cocatalyst. Examples are 
titanium tetrachloride (TiCl4) and triethyl aluminum [Al-(C2H5)3], respectively [49]. Silane-based tacticity 
control agents, such as diisobytyldimethoxysilane (DIBDMS) [41], fed with the catalyst, are commonly 
used to increase the isotactic content of the polypropylene. 

The reactor is horizontal and cylindrical and contains several zones that are sometimes separated by 
weirs. [44] The polymer exists as a powder, given that the reactor temperature remains well below the 
polypropylene melting point of 157 °C [50]. Paddles connected to a rotating shaft mildly agitate the 
powder such that there is essentially no backmixing [44]. For the impact polymer process, two reactors 
are configured in series, and the second reactor incorporates the comonomer. Figure 5.49 shows a 
simplified diagram of a two-reactor system [5]. 
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Figure 5.49 A simplified diagram of a gas-phase PP process using two stirred-bed reactors                                      
in series for making an impact polymer [5]. 

5.7.3 Modeling the Stirred-Bed Reactor 

During steady-state operation, the polymer level remains constant along the reactor length. The paddles 
along the reactor agitate the polymer only mildly, and the solids are not fluidized [44]. The polymer 
phase essentially experiences plug flow conditions along the reactor length. We can simulate the plug 
flow situation by using several continuous stirred-tank reactors (CSTRs) configured in series. 
Experimental studies on the residence-time distribution (RTD) of polymers produced in horizontal 
stirred-bed reactors suggest that the polymer RTD is equivalent to that produced by three to five CSTRs 
[44].  Figure 5.50 compares the actual reactor to this modeling assumption. In our model, we use four 
CSTRs to represent the stirred-bed reactor. Other modelers have used this approach as well [45]. Each 
CSTR receives liquid and vapor recycled from the overhead condenser, which includes fresh monomer 
and hydrogen. Only the first CSTR receives fresh catalyst and cocatalyst. The temperature and pressure 
are the same for all zones. 

The concept of residence time is significantly different between this situation and that for multiple 
CSTRs in series. Furthermore, a residence-time calculation requires knowledge of the volumetric holdup 
in the reactor. We cannot measure the volume holdup very accurately because the paddles are always 
agitating the polymer and there is a void fraction associated with the solid phase. Therefore, we do not 
use residence time as a simulation target in the model and instead use reactor mass holdup. In the 
simulation, we constrain the CSTRs to the same polymer mass to maintain the same level along the bed 
length. This results in monotonically decreasing residence times for the four CSTRs corresponding to a 
given stirred-bed reactor, which conforms to reported experimental results [44]. 
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Figure 5.50 Comparison of the actual reactor with the modeling assumption of four CSTRs in series [5]. 

The relationship between mass holdup and residence time is 

Reactor mass holdup = 

(Outlet mass flow rate of condensed phase) x (Condensed-phase residence time)                              (5.11)                                                    

We apply this calculation to the final CSTR of each set of four CSTRs to determine the mass holdup for a 
given stirred-bed reactor. 

5.7.4 Process Flowsheet 

Figure 5.51a and Figure 51b show the first and second stirred-bed reactors of a two-reactor system for 
producing a gas-phase PP polymer.  These two figures represent an expanded version of Figure 5.49. To 
close the recycle loops, streams 5 and 5A in Figure 5.51a together with streams 54 and 54a in Figure 
5.51b would become a single stream, steam 5 and stream 54, respectively.  

In the flowsheets, C1 and C2 are compressors, COND1 and COND2 are condensers, FL1 and FL2 are flash 
drums, MIC1 to MIX8 are mixers, P1 and P2 are pumps, RSPLT1, RSPLT1, and SPT1 to SPT10 are flow 
splitters. We save the simulation file for Figure 5.51a and Figure 5.51b as WS5.2 PP_Open Loop.bkp, and 
go through the current workshop with this file. 
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Figure 5.51a The front end of a two-reactor system for producing gas-phase PP polymer                                           
using stirred-bed reactors (open-loop). 

 

Figure 5.51b The rear end of a two-reactor system for producing gas-phase PP polymer                                        
using stirred-bed reactors (open-loop). 

5.7.3 Unit System, Components, Characterization of Polymer and Site-Based Species 

We use METCBAR unit system for this workshop. Figures 5.52a and 5.52b show the components 
involved in the gas-phase PP process, and the corresponding enterprise databases selected. 



 

Figure 5.52a Component specifications 

 

Figure 5.52b Enterprises databases selected. 

Propene (propylene) and ethylene are monomer and comonomer, respectively, with each having a 

repeated segment. TICl4 is catalyst, and TEAL (triethyl aluminum) is cocatalyst. Hydrogen is chain 

transfer agent, and oxygen is a purge gas. Ethane and propane are impurities. DIBDMS 

(diisobutyldimethoxysilane) is a tacticity control agent [41]. A search on Chemical Book website 

(www.chemicalbook.com) gives the molecular structure file, 17980-32-4.mol. We import the structure 

of DIBDMS into our simulation file by following the path: Properties -> Components ->Molecular 

Structure -> DIBDMS -> Structure and Functional Group -> Structure -> Draw/Import/Edit ->Import -> 

17980-32-4.mol. We also define the molecular by its connectivity according to Figure 5.53, which is 

needed for estimating unknown physical properties. We define the repeated segments of ethylene (R-

C2H4) and propene (R-C3H6) following Figure 5.22 and characterize the attributes for Ziegler-Natta 

polymerization according to Figure 5.23.  

To characterize our catalyst following Figure 5.24, we assume four active catalyst sites with a 

concentration of 0.0012 moles of sites per gm of catalyst [5] that are determined separately from our 

http://www.chemicalbook.com/


deconvolution of GC data according to Section 5.5.2.3 and Supplement 5.2. We follow Section 5.5.2.2 to 

do deconvolution analysis and will show the deconvolution results in Section 5.7.6. 

 

Figure 5.53 Defining structure of DIBDMS (diisobutyldimethoxysilane). 

5.7.4 Thermodynamic Model and Parameters 

Following the LDPE example in Section 4.5.4, we choose polymer perturbed-chain statistical fluid theory 
(POLYPCSF) equation of state (Section 2.8) as our thermodynamic method. Based on the original 
references for POLYPCSF [51,52], the Aspen Polymers Spheripol high impact PP copolymer example [35], 
our previous article [5], and a search of Aspen Polymers online help on “Parameters (POLYPCSF)”, we 
input the pure component parameters: Properties -> Methods-> Parameters-> Pure Components ->New 
-> Scalar -> Change name from Pure-1 to PCSAFT -> Enter values as in Figure 5.54. 

 

Figure 5.54 POLYPCSF pure component parameters. 

Specifically, PCSFTU is the segment energy parameter (K), PCSFTV is the segment diameter (Å), and 
PCSFTM is the segment number, and PCSFTR, is a ratio parameter reserved for polymers that is equal to 
PCSFTM (m) divided by the molecular weight of the monomer (M), or m/M. When these parameters are 
not readily available, Aspen Polymers online help recommends the following default values: (1) PCSFTU 
= 269.67 K, (2) PCSFTV = 4.072 Å, (3) PCSFTM =0.02434, and (4) PCSFTR = 0.02434*M; M is the molecular 
weight. 

Figure 5.55 shows the parameters for the ideal gas heat capacity, CPIG-1. These parameter values came 
from references [5,35]. The parameter values for DIBDMS result from applying the estimation tool, 



based on the structure of Figure 5.53 by following the path: Properties -> Estimation ->Input -> Setup -> 
-> Estimation option -> Estimate all missing parameters. After obtaining the estimated parameter values 
as shown by R-PCES for DIBDMS in Figure 5.55, we change the estimation option to “Do not estimate 
any parameters”.  

 

Figure 5.55 User and estimated parameters of ideal gas heat capacity. 

Figures 5.56 to Figure 5.58 show the estimated parameters for: (1) the liquid-phase heat capacity 
(CPLDIP-1) of PP based on the temperature-dependent correlation of the Design Institute for Physical 
Property Research (DIPPR); (2) Watson heat of vaporization (DHVLWT-1) of PP; and (3) Andrade liquid 
viscosity (MULAND-1) of PP. By clicking on the “Help” button, we can see the explicit temperature-
dependent correlation for each parameter. 

 

Figure 5.56 Estimated parameters of liquid-phase heat capacity of PP. 

 

Figure 5.57 Estimated parameters of Watson heat of vaporization of PP. 



 

Figure 5.58 Estimated parameters of Andrade liquid viscosity of PP. 

Figure 5.59 shows the estimated pure component parameters for DIBDMS and PP. 

 

Figure 5.59 Estimated pure component parameters of DIBDMS and PP. 

Lastly, following Figure 5.32, we set the first parameter in the T-dependent liquid vapor pressure 
correlation PLXANT-1 for catalyst TiCl4, and cocatalyst TEAL, and tacticity control agent DIBDMS to a 
large negative number like -40. This ensures that these three components do not vaporize [36]. 

5.7.5 Feed Streams 

Table 5.16 specifies the feeds to the front end of a two-reactor flowsheet of Figure 5.51a. The last 
column in the table gives the total mass flows of monomers entering the process in the front end, 
excluding those through the tear stream 5A. 

Table 5.16 Feed streams entering the front-end of the process shown in Figure 5.51a. 

Stream CAT COCAT 3 4 5A 19 23 Total 
(excluding 
5A) 

T(°C) 32 32 32.22 32.22 66.001 129.71 32.22  
P(bar) 26.2 26.2 30.3371 26.545 22 24.4559 30.3371  
Mass 
flow, 
kg/hr 

1341.9 
(total) 

344.496 17155.7 0.34 186472 7955.55 359  

CAT 1.7 
kg/hr 

       

COCAT  41.6       
H2   0.34 0.34 12.2083 0.15   
Propene 1333.5 338.5   171191 7485.9 371.119 19375.739 
Propane 6.7 1.7   15268.7 469.5 1.88054 569.647 
DIBDMS  0.136       



 

Table 5.17 specifies the feeds to the rear end of a two-reactor flowsheet of Figure 5.51b. The last 
column in the table gives the total mass flows of monomers entering the process in the front end, 
excluding those through the tear stream 54A. 

                Table 5.17 Feed streams entering the rear-end of the process shown in Figure 5.51b. 

Stream 51 53 54a 70 71 Total 
T(°C) 32 32 66.0009 32 78 (excluding 

54a) 
P(bar) 30 26 22 30 24  
Mass Flow, 
kg/hr 

6619      

(total) 0.51 116819 226 4010   
H2  0.51 kg/hr 6.68323 0.34 0.267647  
Propene 6584.33  102144 224.816 3471.94 10551.086 

 

We must also specify the site-based species attributes for CAT streams, following Figures 5.33 and 5.34. 
Figure 5.60 shows our specifications of the site-based attributes for catalyst CAT. 

 

Figure 5.60 Specification of site-based species attributes for CAT stream: Setting potential site mole 
fraction (CPSFRAC) to one, and the dead site mole fraction(CDSFRAC) to zero. Set the mole fractions for 

the four inhibited sites (CISFRAC) (S_1 to S_4) to zero, and do the same for the four dead sites 
(CDSFRAC) (S_1 to S_4). 

5.7.6 Ziegler-Natta Kinetics Specifications 

Following Figure 5.35, we create a Z-N reaction set, named ZN-PP. Figure 5.61 shows the species 
specifications of the ZN reactions. 



 

Figure 5.61 Species specifications of ZN-PP reaction set. 

Based on deconvolution of GPC data for this process, we specify previously in Section 5.7.3 that the 
number of active catalysts as 4. Supplement 5.2 gives the details of these 72 reactions, together with 
the relevant kinetic parameters. These reactions include:   

(1) 4 spontaneous catalyst site activation reactions (ACT-SPON), with one reaction per active catalyst 
site;                                                                                                                                                                                                 
(2) 4 catalyst activation reactions (ACT-H2) by hydrogen [53] with one reaction per active catalyst site;             
(3) 8 chain initiation reactions by monomer C3H6 and by comonomer C2H4, with two reactions per 
active catalyst site;                                                                                                                                                                            
(4) 16 chain propagation reactions (PROP) of reacting polymer chain Pn[C3H6] with C3H6 and C2H4, and 
reacting polymer chain Pn[C2H4] with C3H6 and C2H4, totaling 4 reactions per active catalyst site;                 
(5) 16 reactions of chain transfer to monomer (CHAT-MON) by reacting polymer chain Pn[C3H6] with 
C3H6 and C2H4, and by reacting polymer chain Pn[C2H4] with C3H6 and C2H4, totaling 4 reactions per 
active catalyst site;                                                                                                                                                                           
(6) 8 reactions of chain transfer to hydrogen (CHAT-H2) by reacting polymer chain Pn[C3H6] with H2, 
and by reacting polymer chain Pn[C2H4] with H2, with two reactions per active catalyst site;                                           
(7) 4 spontaneous catalyst deactivation reactions (DEACT-SPON), with one reaction per active catalyst 
site type;                                                                                                                                                                                        
(8) 8 reactions of deactivation by tacticity control agent DIBDMS by reacting an activated catalyst site P0,i  
with DIBDMS and by reacting a live polymer chain containing n segments attached to catalyst site i, Pn,i , 
with DIBDMS, with i=1 to 4 for four active sites. (Because of the lack of deactivation reaction by agent 
[DEACT-AGENT] within Aspen Polymers, we use deactivation reaction by poison [DEACT-POISON] to 
represent these 8 reactions); and                                                                                                                                     
(9) 4 reactions of atactic propagation (ATACT-PROP) with one reaction per active catalyst site. 

To specify the reaction rate constants according to the Arrhenius form, Eq. (5.1), we follow the pre-
exponential factors k0 and the activation energy E for each reaction given in Supplement 5.3. 

5.7.7 Specifications of unit operation and chemical reactor blocks 

5.7.7.1 Mixers MIX1 to MIX8 (Figure 5.62) 

 



Figure 5.62 Specification of no pressure drop, maximum iterations and error tolerance for MIX1 to MIX8. 

5.7.7.2 Reactors R1 to R8 (Figures 5.63 and 5.64) 

 

Figure 5.63 Specifications of reactors R1 to R8. For R5 to R8, change the condensed phase volume 
fraction to 0.408138. 

 

Figure 5.64 Specification of convergence parameters for reactors.  

As illustrated in Figure 5.64, we further click on “Newton Parameters”, and specify “Line-Search” under 
Other (stabilization strategy), as recommended by Aspen Polymers online help for RCSTR convergence. 

5.7.7.3 Other Blocks 

For flash units, FL1 and FL2, we specify the pressure at 2.04 MPa, and the heat duty at 0 cal/sec 
(adiabatic). For pumps P1 and P2, we specify a discharge pressure of 2.8 MPa, a pump efficiency of 0.6 
and a driver efficiency of 0.9.  For compressors C1 and C2, we specify an isentropic operation with a 
discharge pressure of 2.68 MPa, an isentropic efficiency of 0.8 and a machanucal efficiency of 0.9. For 
condensers COND1 and COND2, we assume a zero pressure drop; for COND1, we assume an exit 
temperature of 51.6°C, and for COND2, we specify an exit temperature of 43.5°C. For flow splitters 
RSPLT1 and RSPT2, we specify the mass flow of stream 7C as 1031.9 kg/hr, and of stream 56C as 984 
kg/hr.  Table 5.18 specifies the mole split fractions to various streams for flow splitters SPT0 to SPT10.  

 

 

 

 

 



Table 5.18 Flow splitter specifications. 

 

 

 

 

 

 

 

 

5.7.7.4 Convergence blocks 

Figure 5.65 specifies the convergence methods under: Convergence ->Options ->Default Methods. 

 

Figure 5.65 Selected convergence methods. 

We also fix the number of maximum flowsheet evaluations under: Convergence ->Options -> Methods 
-> Wegstein -> Maximum flowsheet evaluations= 800. 

5.7.8 Open-Loop Simulation Results and Closing the Loop 

We run the open-loop simulation, and the simulation converges.  Table 5.19 shows the key results of the 
assumed tear streams 5A and 54A, compute tear streams 5 and 54, and PP product stream R8O in the 
open-loop flowsheet. We save the converged open-loop simulation file as WS5.2 PP_Open-Loop-
Converged.bkp. 

Table 5.19 Comparison of assumed and computed tear streams, and result of PP product stream R8O 

 5A(assumed) 5(computed) 54A(assumed) 54(computed) R8O 
Temperature, °C 339.151 343.15 339.151 343.15 343.15 
Pressure, MPa 21.7123 21.7123 21.7123 21.7123 21.7123 

Mass flow, 
kg/hr 

     

Propene 171,191 171,616 102,144 104,293 5292.11 
Propane 15268.7 15464.7 14668 14827.8 787.452 

Flow 
splitter 

Mole split fraction Stream(s) 

SPT1 0.223807 66 
SPT2 0.367147, 0.204109, 0.201312 LR1, LR2, LR3 
SPT3 0.9999 13 
SPT4 0.038 68 
SPT5 0.192527 17 
SPT6 0.359248, 0.204293, 0.02972 VR1, VR2, VR3 
SPT7 0.03859 21 
SPT8 0.462916, 0.168904, 0.232728 LR5, LR6, LR7 
SPT9 0.9999 62 
SPT10 0.204768, 0.232443, 0.230056 VR5, VR6, VR7 



H2 12.2083 11.9805 6.68323 7,22583 0.0095 
PP 0 0 0 0 28,996.8 

PP, ATFRAC     0.0384897 
       MWN     58861.4 
      MWW     322,183 
         PDI     5.4736 

 

Based on the last columns of Tables 5.16 and 5.17, we see that the total amounts of propene and 
propane entering the process are 29,286.83 and 1108.625 kg/hr, which sum together to give the total 
monomer mass flow of 30,395.455 kg/hr. When compared to the PP production of 28,996.8 kg/hr for 
stream R8O in Table 5.19, this gives a monomer conversion of 95.398% for the open-loop simulation. 

Referring to the open-loop flowsheets of Figures 5.51a and 5.51b, we close the loop by deleting the 
assumed tear stream 5A entering the flow splitter RSPLIT1 and replacing it by the computed tear stream 
5 in Figure 5.51a. We also delete the assumed tear stream 54A entering the flow splitter RSPLIT2 and 
replace it by the computed tear stream 54 in Figure 5.51b. The resulting closed-loop flowsheets appear 
in Figures 5.66a and 5.66b.  

 

Figure 5.66a The front end of a two-reactor system for producing gas-phase PP polymer                                           
using stirred-bed reactors (closed-loop). 



 

Figure 5.66b The rear end of a two-reactor system for producing gas-phase PP polymer                                           
using stirred-bed reactors (closed-loop). 

Without changing other inputs and convergence parameters, we run the closed-loop simulation, and it 
converges. Table 5.20 compares the results of both open-loop and closed-loop simulations for the PP 
product stream R8O. We save the converged closed-loop simulation file as WS5.2 PP_Closed-Loop-
Converged.bkp. 

Table 5.20 A comparison of open-loop and closed-loop simulation results 

 Total monomer feed, 
kg/hr 

R8O (Open-Loop) R8O (Closed-Loop) 

Temperature, °C  343.15 343.15 
Pressure, MPa  21.7123 21.7123 

Mass flow, 
kg/hr 

   

Propene 29286.83 5292.11 5487.4 
Propane 1108.625 787.452 573.331 

H2 14.3259 0.0095 0.0171 
PP 0 28,996.8 29210.7 

PP, ATFRAC  0.0384897 0.1359211 
       MWN  58861.4 69990.8 
      MWW  322,183 415,064 
         PDI  5.4736 5.93 

    

5.7.9 Model Applications 

We re-save the simulation file, WS5.2 PP_Closed-Loop-Converged.bkp, as WS5.2a PP_Closed-Loop-PP 
Production vs TICL4 Mass Flow.bkp, and use sensitivity analysis to quantify the effect of the mass flow 
rate of catalyst CAT (=TiCl4) on the PP production, and the resulting MWN, MWW and PDI. Figures 5.67a 
and 5.67b show the manipulated variable (“Vary”) and the dependent variables (“Define”) for th analysis. 



 

Figure 5.67a Define the manipulated variable of the sensitivity analysis 

Figure 5.67b Define the dependent variable of the sensitivity analysis 

Figures 5.68 and 5.69 illustrate the effects of the catalyst mass flow on the PP production (kg/hr), and on 
the resulting MWN and MWW. 

 

Figure 5.68 Effect of catalyst mass flow rate on the PP production. 



 

Figure 5.69 Effect of catalyst mass flow rate on the MWN and MWW of PP. 

5.8 Workshop WS5.3: Simulation of a Gas-Phase Fluid-Bed LLDPE Process with Condensed Mode 
Cooling 

5.8.1 Objective 

The objective of this workshop is to present the details of a steady-state simulation model of a gas-
phase fluidized-bed process for producing LLDPE with condensed mode cooling. Previously, we showed 
in Figure 5.8 a simplified flowsheet of the gas-phase fluidized-bed process for producing PP [27] and 
LLDPE [23,25], and present in Supplement 5.1f the kinetic model for a LLDPE process. In this workshop, 
we demonstrate how to develop such a steady-state simulation model for LLDPE based on the literature 
[54]. In Section 7.8, we will further demonstrate the dynamic and control aspects of this LLDPE process. 

An objective of this workshop is to introduce the concept of condensed mode cooling [55 to 47] to 
ethylene polymerization in fluidized-bed reactors. We use plant data from a UNIPOL fluidized-bed 
process for producing LLDPE in the Asia-Pacific and validate the model with plant data from two product 
grades. 

5.8.2 Condensed Mode Cooling in Ethylene Polymerization in a Fluidized-Bed Reactor 

U. S. patents 454399A and 4588790 [55,56] present the concept of condensed mode cooling in ethylene 
polymerization in a fluidized-bed reactor (FBR). According to [55], condensed mode cooling in a FBR for 
an exothermic polymerization reaction cools the recycle stream to below its dew point and returns the 
resulting two-phase fluid stream to the reactor in order to maintain the fluidized bed at a desired 
temperature above the dew point of the recycle stream. This can increase the yield of polymer 
production, among other significant benefits. McKenna [57] presents a comprehensive 27-page review 
and detailed analysis of condensed model cooing in ethylene polymerization. He illustrates the concept 
of condensed mode cooling with a flowsheet shown in Figure 5.70. We summarize his basic analysis 
below. 



 

Figure 5.70 An illustration of a fluidized-bed reactor (FBR) system for ethylene polymerization under 
condensing mode operation [57]. In the figure, ICA represents an induced condensing agent. 

First, we note that heat removal is the number one factor limiting the production rate of polyethylene 
on an industrial scale. For a fluidized-bed polymerization reactor system producing LLDPE and PP, such 
as the UNIPOL process of Figure 5.8 with modeling details in Supplement 5.1e, McKenna [57] notes that 
the melting point of a typical LLDPE is on the order of 110°C, and a typical reactor operating 
temperature is 85°C to 95°C. Therefore, we have a very little margin for error in terms of heat removal. 
To understand the tools available for maximizing the heat removal, we present a simple enthalpy 
balance around a gas-phase FBR by McKenna [57] below. 

             𝐹𝐹𝑔𝑔,𝑖𝑖𝑖𝑖𝐶𝐶𝑝𝑝𝑝𝑝,𝑖𝑖𝑖𝑖(𝑇𝑇𝑔𝑔,𝑖𝑖𝑖𝑖 -𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟) −  𝐹𝐹𝑔𝑔,𝑜𝑜𝑜𝑜𝑜𝑜𝐶𝐶𝑝𝑝𝑝𝑝,𝑜𝑜𝑜𝑜𝑜𝑜(𝑇𝑇𝑔𝑔,𝑜𝑜𝑜𝑜𝑜𝑜 -𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟) −  𝐹𝐹𝑠𝑠,𝑜𝑜𝑜𝑜𝑜𝑜𝐶𝐶𝑝𝑝𝑝𝑝,𝑜𝑜𝑢𝑢𝑢𝑢(𝑇𝑇𝑠𝑠,𝑜𝑜𝑜𝑜𝑜𝑜 -𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟)  −
                       𝑈𝑈𝑈𝑈(𝑇𝑇𝑅𝑅 -𝑇𝑇𝑊𝑊)−  𝑄𝑄𝑣𝑣𝑣𝑣𝑣𝑣 + 𝑅𝑅𝑝𝑝𝑉𝑉𝑅𝑅(−∆𝐻𝐻𝑝𝑝 ) = 0                                                                             (5.14) 

In the equation: 

𝐹𝐹𝑔𝑔,𝑖𝑖𝑖𝑖 and 𝐹𝐹𝑔𝑔,𝑜𝑜𝑜𝑜𝑜𝑜 = the inlet and outlet mass flow rates of process gas stream 

 𝐹𝐹𝑠𝑠,𝑜𝑜𝑜𝑜𝑜𝑜 = the outlet mass flow rate of the solid polymer stream 

𝐶𝐶𝑝𝑝𝑝𝑝,𝑖𝑖𝑖𝑖 ,𝐶𝐶𝑝𝑝𝑝𝑝,𝑜𝑜𝑜𝑜𝑜𝑜  and 𝐶𝐶𝑝𝑝𝑝𝑝,𝑜𝑜𝑜𝑜𝑜𝑜
= the heat capacities of the inlet and outlet process gas stream, andof the solid polymer stream 

𝑇𝑇𝑔𝑔,𝑖𝑖𝑖𝑖,𝑇𝑇𝑔𝑔,𝑜𝑜𝑜𝑜𝑜𝑜,𝑇𝑇𝑠𝑠,𝑜𝑜𝑜𝑜𝑜𝑜 and 𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟 = the temperatures of the inlet and outlet proces gas stream, of the 
outlet solid polymer stream, and the reference temperature for the calculation of the enthalpy 

U= the overall heat transfer coefficient 

A = the surface area of contact between the reactor wall and the powder bed 

𝑇𝑇𝑅𝑅 and 𝑇𝑇𝑊𝑊 = the average teperatures of the reactor bed and the bed wall 

𝑄𝑄𝑣𝑣𝑣𝑣𝑣𝑣 = the total enthalpy of change due to evaporation of any liquid in the reactor 

   𝑅𝑅𝑝𝑝 = the rate of reaction per unit volume of the reactor bed 

𝑉𝑉𝑅𝑅 = the vuolume of the reactive bed 



∆𝐻𝐻𝑝𝑝 =the overall enthalpy of polymerization 

McKenna [57] further assumes that 𝑇𝑇𝑟𝑟𝑟𝑟𝑟𝑟 =  𝑇𝑇𝑅𝑅 = 𝑇𝑇𝑔𝑔,𝑜𝑜𝑜𝑜𝑜𝑜, together with the following simplifications: 

(1) The solid leaves the reactor at the same temperature as the gas 

(2) The reactor is operating at a steady state with a uniform temperature 𝑇𝑇𝑅𝑅 

(3) The enthalpy of the catalyst feed stream is negligible with respect to other streams; 

(4) There are no significant heat losses. 

With these assumptions and simplifications, we can rearrange Eq. (5.14) to give 

                                              𝑅𝑅𝑝𝑝𝑉𝑉𝑅𝑅 = 𝐹𝐹𝑔𝑔,𝑖𝑖𝑖𝑖𝐶𝐶𝑝𝑝𝑝𝑝,𝑖𝑖𝑖𝑖�𝑇𝑇𝑅𝑅 −𝑇𝑇𝑔𝑔,𝑖𝑖𝑖𝑖�+𝑈𝑈𝑈𝑈(𝑇𝑇𝑅𝑅  −𝑇𝑇𝑊𝑊)+ 𝑄𝑄𝑣𝑣𝑣𝑣𝑣𝑣  
−∆𝐻𝐻𝑝𝑝

                         (5.15) 

What can we learn from this defining relationship for maximizing our polymer production rate, 𝑅𝑅𝑝𝑝𝑉𝑉𝑅𝑅? 

(1) The reactor temperature 𝑇𝑇𝑅𝑅 (85° to 95°𝐶𝐶)  has a very narrow operating range for producing LLDPE, 
as the melting temperature of LLDPE is about 110°C and higher bed temperature tends to promote 
softening and sticking of the polymer particles. 

(2) It is difficult to increase the overall heat transfer coefficient between the reactor wall and the 
powder bed. Increasing the gas velocity through the reactor may cause changes to the fluidizing 
medium. 

(3) This basically leaves changes to the heat capacity 𝐶𝐶𝑝𝑝𝑝𝑝,𝑖𝑖𝑖𝑖  of the inlet process gas stream and to the 
total enthalpy due to evaporation of any liquid in the reactor 𝑄𝑄𝑣𝑣𝑣𝑣𝑣𝑣 as our manipulative variables for 
maximizing the polymer production. 

The conclusion is that we can use the composition and phase conditions of the feed stream (only the 
inert components obviously) to increase the amount of heat that can be removed, thus increasing the 
polymer production rate. 

As illustrated in Figure 5.70, the feed to the bottom of the reactor below this distributor plate is 
composed of ethylene (monomer), nitrogen (inert), comonomer, hydrogen (chain transfer agent) and at 
least one induced condensing agent (ICA) that is a partially liquefied, chemically inert species. An ICA is 
typically an alkane. Isomers of butane, pentane and hexane appear to be most common, as referred to 
in the original patents [55,56]. McKenna [57] presents the data in Table 5.21 to suggest a guideline for 
the selecting an ICA. 

Table 5.21 Capacities of gaseous ICA components commonly used in the polymerization of ethylene  

ICA 
Component 

Nitrogen Propane n-butane Iso-
butane 

n-
pentane 

Iso-
pentane 

n-Hexane 

Heat 
capacitya  

7.0 17.4 23.3 23.1 28.6 28.4 34.5 

Heat of 
Vaporizationb 

 4.8 5.8 5.1 6.6 6.5 7.6 



ICA solubility 
in LLDPEc 

 0.29 0.94 0.77 1.83 1.63 2.85 

a: At 25°C, cal/K-mol.  b: At 25°C, Kcal/mol. c: At 90° and 1.72 bar, g ICA per 100 g LLDPE (density = 
0.918 g/cm3) 

 

If we consider replacing nitrogen as an inert alkane, such as iso-pentane, the heat capacity of the gas 
phase will increase. In addition, the solubility of a species in the amorphous polyethylene increases 
(longer, less branches), so does its heat of vaporization. Mckenna and his colleagues [59] present a 
detailed analysis of using n-hexane as an ICA in the production of LLDPE. In the commercial gas-phase 
fluidized-bed process for producing LLDPE that we simulate in this workshop, the ICA is iso-pentane. 

5.8.3 Process Flowsheet 

Figure 5.71 shows a simulation flowsheet for the gas-phase fluidized-bed reactor system of a UNIPOL 
process for producing LLDPE. In Section 5.3.1, we discuss that the high recycle ratios of the recycle gas 
lead to uniform temperature and low concentration gradient in the FBR, making it reasonable to 
represent the FBR as a CSTR.  We note that the flowsheet includes two essentially identical sections with 
the suffix letters for stream and block names being different. We use suffix letters A and B in the stream 
and block names to indicate product grades A and B. Including both sections in the same simulation 
flowsheet enables us to identify a single set of kinetic parameters to match the production targets for 
both product grades with different feed component mass flow rate and compositions. We save the 
simulation file as WS5.3 LLDPE.bkp.  

 

Figure 5.71 A simulation flowsheet of a gas-phase fluidized-bed reactor system for a UNIPOL process for 
producing LLDPE with condensed model cooling 

5.8.4 Unit System, Components, Characterization of Oligomer, Polymer and Site-Based Species 

We use METCATM unit system for this workshop by starting with new unit set named METCATM based 
on the MET unit set, and replacing the pressure unit from N/sqm to atm. Figures 5.72 shows the 
components involved. 



 

Figure 5.72 Component specifications for the LLDPE process 

Ethylene (E2) and 1-butene (C4) are monomer and comonomer, respectively, with each having a 
repeated segment. Catalyst CAT is TICl4, and cocatalyst COCAT is triethyl aluminum. IC5 (iso-pentane or 
2-methyl butane) is an induced condensing agent (ICA). Hydrogen is chain transfer agent, and CO is a 
poison. N2 is an inert, and water is a cooling medium. Following the path, Properties -> Components-> 
Polymers -> Characterization -> Oligomers, we define OLIGOMER according to Figure 5.73. 

 

Figure 5.73 Specification of oligomer. 

We follow Figures 5.22 and 5.23 to specify the repeat segments, E-SEG and B-SEG, and choose the same 
built-in Ziegler-Natta attributes for LLDPE. Figure 7.54 specifies the site-based species. 

 

Figure 7.74 Specification o site-based species 

In the following section, we give details of our deconvolution analysis of GPC data to determine the 
specification of three active catalyst sites. 

5.8.5 Deconvolution Analysis of GPC Data to Determine the Number of Active Catalyst Sites    

In Section 5.5.2.3, we explained how to follow the detailed instructions in Supplement 5.2, to apply a 
deconvolution Excel spreadsheet, Excel for deconvolution.xls, to determine the number of active 
catalyst sites. Refer to the example file folders for Chapter 5, WS5.3, we see the GPC data for product 
grades A and B, Log(MW) versus d(wt)/d (log MW), where wt is the weight fraction of the slice, and 
MW is molecular weight of the slice. Following the step-by-step instructions of Supplement 5.2, we do 
deconvolution analysis of the GPC data assuming 3 and 4 active catalyst sites. See the resulting Excel 
files, WS5.3_Grade A_3 sites.xls, WS5.3_Grade A_4 sites, WS5.3_Grade B_3 sites.xls, WS5.3_Grade 



B_4 sites, in the example folder. Figures 7.75a and 7.75b compare the resulting plot of molecular weight 
distribution (MWD) and MWDs of individual catalyst sites for grade A, assuming three and four catalyst 
sites. Note the negative fractional area between the MWD and the x-axis for four catalyst sites. 
Therefore, we choose three catalyst sites. 

 

Figure 7.75a Weight fraction x106 versus log (molecular weight) resulting from GPC analysis of grade A 

data with three active catalyst sites 

 

Figure 7.75b Weight fraction x106 versus log (molecular weight) resulting from GPC analysis of grade A 

data with four active catalyst sites 

5.8.6 Thermodynamic Model and Parameters 



Following the LDPE example in Section 4.6.4 and the PP example in Section 5.7.4, we choose polymer 

perturbed-chain statistical fluid theory (POLYPCSF) equation of state (Section 2.8) as our thermodynamic 

method. Based on the original references for POLYPCSF [51,52], the Aspen Polymers Spheripol high 

impact PP copolymer example [35], our previous article [5], and a search of Aspen Polymers online help 

on “Parameters (POLYPCSF)”, we input the pure component parameters: Properties -> Methods-> 

Parameters-> Pure Components ->New -> Scalar -> Change name from Pure-1 to PCSAFT -> Enter values 

as in Figure 5.76.  

Figure 5.76 POLYPCSF pure component parameters. 

Following Section 4.4.5 and Figure 4.22, we use the PCES (Physical Constant Estimation System) to 
estimate all missing property parameters. The reader may refer to the simulation file, WS5.3 LLDPE.bkp, 
for the estimated property parameters. Following the path: Properties -> Methods _> Parameters -> 
Pure Components, we see parameter values from four sources: (1) Aspen enterprise databases- DB-
PURE37 (i.e., APV110 PURE 37) and DB-POLYMER (i.e., APV110 Polymer); (2) Results of PCES - R-PCES; 
(3) User inputs. Figure 5.77 shows the user inputs for parameters of the temperature-dependent 
correlation ideal-gas heat capacity correlation CPIG-1. This figure follows the component parameter 
values for H2, E2 and E-SEG, and includes additional parameter values for 1-butene, B-SEG and IC5 that 
we regressed from NIST property values (e.g., https://www.chemeo.com/cid/13-178-0/1-Butene). By 
clicking on the “help” button displayed in Figure 7.77, we can see the explicit temperature-dependent 
correlation for each parameter. 

 

Figure 5.77 Parameters for CPIG correlation 

Figure 5.78 shows the assumed properties values for catalyst CAT and cocatalyst CCAT under PURE-1. 
We create this folder by following the path: Properties -> Methods-> Parameters-> Pure Components -
>New-> Type: Scalar-> Name: PURE-1 -> Enter parameter name, unit, component name and value 
according to Figure 5.78. 

https://www.chemeo.com/cid/13-178-0/1-Butene


 

Figure 5.78 Assumed property values for catalyst and cocatalyst 

Figure 5.79 shows the parameter for the enthalpy of formation used by the van Krevelen method, 
DHFVK. We assume the same value for LLDPE as that reported for LPDE by Bokis et al. [61]. This 
parameter is important to the calculation of heat of polymerization. 

 

Figure 5.80 Assumed parameter for the enthalpy of formation for LLDPE 

5.8.7 Inlet Stream Specifications for Grades A and B 

Table 5.22 specifies the inlet streams and Table 5.23 gives the initial estimates of recycle steams. 
Referring to Figures 5.24 and 5.33, we specify the catalyst stream and its component attributes in Figure 
5.81 for catalyst stream CAT-A. For component attributes displayed in the figure, we need to fill in the 
following:  attribute ID – CPSFLOW, element CPSFLOW, value =0; attribute ID – CPSFRAC, element 
CPSFRAC, value =1; attribute ID – CDSFLOW, element CDSFLOW, value =0; attribute ID – CDSFRAC, 
element CDSFRAC, value =0; attribute ID – CVSFRAC, element S_1, value =0; element S_2, value = 0; 
element S_3, value =0. For catalyst stream CAT-B, we repeat the same specifications as for CAT-A in 
Figure 5.81, except to enter new catalyst mass flow rates of CAT = 0.165 kg/hr, and CCAT = 5.06 kg/hr. 

 

Figure 5.81 Specification of catalyst stream and component attributes 

Table 5.22 Specifications of inlet streams for grades A and B 



 

 

Table 5.23 Recycle stream estimates for grades A and B 

 

5.8.8 Specifications of Unit Operation and Chemical Reactor Blocks  

Table 5.24 specifies the unit operations and chemical reactors.  

Table 5.24 Block specifications 

 

5.8.9 Ziegler-Natta Kinetics Specifications 

Following Figure 5.35, we create a Z-N reaction set, named R-1. Figure 5.82 shows the species 
specifications of the ZN reactions. 



 

Figure 5.82 Species specifications for ZN reactions 

Based on deconvolution of GPC data for this process, we specify previously in Section 5.8.5 that the 
number of active catalysts as 3. Supplement 5.4 gives the details of these 63 reactions, together with the 
relevant kinetic parameters. These reactions include:   

(1) 3 spontaneous catalyst site activation reactions (ACT-SPON), with one reaction per active catalyst                
site;                                                                                                                                                                                               
(2) 3 catalyst activation reactions (ACT-COCAT) by cocatalyst with one reaction per active catalyst site;                           

(3) 6 catalyst activation reactions (ACT-MON) by monomer C2H4 and comonomer C4H8 with two 
reactions per active catalyst site; 

(4) 6 chain initiation reactions (CHAIN-INI) by monomer C2H4 and by comonomer C4H8, with two 
reactions per active catalyst site;                                                                                                                                                        
(5) 12 chain propagation reactions (PROP) of reacting polymer chain Pn[C2H4] with C2H4 and C4H8, and 
reacting polymer chain Pn[C4H8] with C2H4 and C4H8, totaling 4 reactions per active catalyst site;                 
(6) 12 reactions of chain transfer to monomer (CHAT-MON) by reacting polymer chain Pn[C2H4] with 
C2H4 and C4H8, and by reacting polymer chain Pn[C4H8] with C2H4and C4H8, totaling 4 reactions per 
active catalyst site;                                                                                                                                                                           
(7) 6 reactions of chain transfer to hydrogen (CHAT-H2) by reacting polymer chain Pn[C2H4] with H2, 
and by reacting polymer chain Pn[C4H8] with H2, with two reactions per active catalyst site;   

(8) 6 reactions of spontaneous chain transfer (CHAT-SPON) by reacting polymer chain Pn[C2H4], and by 
reacting polymer chain Pn[C4H8], with two reactions per active catalyst site;   

(9) 3 catalyst deactivation reactions by poison (DEACT-POISON), with one reaction per active catalyst 
site type;                                                                                                                                                                                  

(10) 3 spontaneous catalyst deactivation reactions (DEACT-SPON), with one reaction per active catalyst 
site type;                                                                                                                                                                                     
(11) 3 reactions of catalyst deactivation by hydrogen (DEACT-H2) with one reaction per active catalyst 
site.                                                                                                                 

To specify the reaction rate constants according to the Arrhenius form, Eq. (5.1), we follow the pre-
exponential factors k0 and the activation energy E for each reaction given in Supplement 5.4. 

5.8.10 Reactor and Flowsheet Simulation to Match Plant Production Targets 



With inlet stream specifications in Table 5.22 and block specifications in Table 5.24, our modeling goal is 
to fine-tune the kinetic parameters to simulate the plant production targets for grades A and B. To 
speed up the simulation convergence of reactors REACT-A and REACT-B, we need to generate estimates 
of key component mass flow rates in exiting streams from these reactors, as seen in the “Estimates” 
folder in Figure 5.43. These estimates include the mass flow rates of monomer ethylene (E2) and 
comonomer 1-butene (Butene) in vapor streams RECY1-A and RECY1-B, and of polymer LLDPE in liquid 
streams Powder-A and Powder-A. We generate these estimates in two steps. First, we run the 
simulation file, WS5.3 LLDPE.bkp, without these estimates, and save the resulting “unconverged” 
simulation file as WS5.3 LLDPE no estimates.bkp.  We obtain the simulated mass flow rates from this 
file, and then make estimates of the key component mass flow rates. Figure 5.83 illustrates the 
estimates for reactor REACT-A for producing grade A. Table 5.25 summarizes the estimates and 
simulation results. We save the converged simulation as WS5.3 LLDPE.bkp.  

 

Figure 5.83 Estimates of key component mass flow rates for reactor REACT-A. 

Table 5.25 Estimates and simulation results of key component mass flow rates 

 

We follow Tables 5.4 and 5.9 to fine-tune the kinetic parameters to match the production targets. 
Supplement 5.4 list the values of the resulting kinetic parameters. Table 5.26 compares the simulation 
results with plant production targets. 

Table 5.26 Comparison between production targets and model results 

 

5.8.11 Model Applications 



We want to demonstrate a sensitivity analysis of the effects of hydrogen mole flow on the LLDPE melt 
index (MI) and density (DEN) [54,62]. Following Section 2.10.2, Eqs. (2.31) and (2.32), we assume the 
following correlations for the LLDPE MI and DEN: 

MI=(125700/MWW)3.84                                   (5.16) 

                                                   DEN = 0.936 - 0.02386*(SFRAC*100)0.514     (5.17) 

where SFRAC is the mole fraction of comonomer, 1-butene, in the LLDPE product. 

Frist, we define the MI and DEN correlations using a calculator block. Follow the path: Simulation -> 
Flowsheeting options -> Calculator -> New -> Name = C-1 -> Input -> (1) Define: See Figure 5.84 to define 
MWW, SFRAC, PROD, MI and DEN (note that comonomer, 1-butene, mole fraction in the LLDPE polymer 
is element 2 within the SFRAC array; element 1 is the mole fraction of monomer, ethylene) -> (2) 
Calculate: see Figure 5.85; and (3) Sequence: See Figure 5.86.

 

Figure 5.84 Define the variables and parameters 

 

 

Figure 7.85 Specify Fortran equations for MI and DEN 



 

Figure 7.86 Define the calculation sequence 

Next, we define the sensitivity analysis by following the path: Simulation ->Model analysis tools -> 
Sensitivity -> New -> Name = S-1 -> Input: (1) Vary: see Figure 7.87; (2) Define: see Figure 7.88; and (3) 
Tabulate: see Figure 7.89. Figure 7.90 plots the resulting MI and DEN values as a function of hydrogen 
mole flow in stream FEED-A. We save the resulting simulation file as WS5.3 LLDPE_MI and DEN vs H2 
Mole Flow.bkp. 

 

Figure 5.87 Define the manipulated variable, “Vary” 

 

 

Figure 7.88 Define the dependent variables and parameters 



 

Figure 7.89 Specify the tabulated variables 

 

Figure 7.90 MI and DEN values as a function of hydrogen mole flow in stream FEED-A 

5.9 Workshop WS5.4: Simulation of a Solution Polymerization Process for Producing Ethylene-
Propylene Copolymer (EPM) or an Ethylene-Propylene-Diene Terpolymer (EPDM) with Metallocene 
Catalysts 

5.9.1 Objective 

The general objective of this workshop is to introduce the methodology to simulate a polyolefin 
manufacturing process using a metallocene catalyst system. A specific objective is to demonstrate how 
to simulate the production of an ethylene-propylene copolymer (EPM) or an ethylene-propylene-diene-
terpolymer (EPDM) in a solution polymerization process. We explain the new features of the 
polymerization kinetics using a metallocene catalyst, and their implementation within Aspen Polymers. 
As the literature contains only very limited information about the process details and operating 
conditions, we focus on the methodology for simulating the process with assumed operating conditions. 
If plant data are available, the reader may modify the workshop details easily to obtain more accurate 
simulations. 



5.9.2 Process Background 

In a comprehensive review with over 500 literature references, Cesca [63] gives a detailed introduction 
to the chemistry of ethylene-propylene copolymer (EPM) and ethylene-propylene-diene terpolymer 
(EPDM) and presents the industrial solution and suspension polymerization process flowsheets. Van 
Duin, et. at [64] present a historical and technical summary of Keltan developments defining EPDM for 
the past and the next 50 years. Figure 7.91 gives a process block diagram of a typical solution 
polymerization for producing EPDM [65]. 

 

Figure 7.91 A process block diagram for solution polymerization for producing EPDM [65]. 

Eisinger et al. [65] demonstrate how to adopt the UNIPOL gas-fluidized process to produce EPM or 
EPDM. This workshop focuses on the adaption of the Ziegler-Natta polymerization kinetics model of 
Aspen Polymers to use a metallocene catalyst system. 

For producing EPDM, the monomers include ethylene, propylene, and a diene. The typical diene 
monomer used includes: (1) ENB (ethylidene norbornene), CAS no. 16219-75-3, chemical formula 
C9H12, formula molecular weight 120.19, and molecular structure file 16129-75.3.mol (see Figure 7.92) 
(https://www.chemicalbook.com/ProductChemicalPropertiesCB1309456_EN.htm). While we can import 
the molecular structure file to represent ENB and estimated its properties, Aspen Plus pure component 
database unfortunately does not contain any repeated segment related to ENB. (2) DPCD 
(dicyclopentadiene), CAS no. 77-73-6, chemical formula C10H12, formula molecular weight 132.2. It’s 
available within Aspen Plus pure component database, as is its repeat segment, dicyclopentadiene-R 
(C10H12-R). To import its molecular structure into Aspen Plus for property estimation, the structure file 
77-73-6.mol, is available (see Figure 7.92) 
(https://www.chemicalbook.com/Search_EN.aspx?keyword=dicyclopentadiene). 

 

   

https://www.chemicalbook.com/ProductChemicalPropertiesCB1309456_EN.htm
https://www.chemicalbook.com/Search_EN.aspx?keyword=dicyclopentadiene


Figure 7.92 Molecular structures of the typical third monomer for EPDM terpolymer:                                                     
(left) ENB (ethylidene norbornene; C9H12); and (right) DEPD (dicyclopentadiene;C10H12). 

A typical Ziegler-Natta catalyst system used for producing EPM or EPDM is a vanadium catalyst-
cocatalyst system, VOCl3-Al2Et3Cl3. Cozewith and his colleagues [66,67] were among the first to present 
the detailed Ziegler-Natta polymerization reactions and the associated experimental reaction rate 
constants for producing EPM or EPDM using vanadium-based catalysts in a continuous stirred-tank 
polymerization reactor, and in a semi-batch or a plug-flow polymerization reactor. Subsequently, a 
number of simulation and control studies based on the kinetic model of Cozewith have appeared [68 to 
70]. Hagg et.al. [71] later present an experimental and modeling study in a semi-batch bubble column 
reactor to produce EPM and  EPDM using vanadium-based catalysts, and compare the resulting Ziegler-
Natta polymerization reaction rate constants with those from prior studies. Further modeling and 
experimental studies of EPM and EPDM using vanadium-based catalysts appear in [72 to 74]. 

Hamielec and Soares [75] present an excellent overview of the metallocene-catalyzed polymerization. 
They state that “metallocene catalysts are organometallic coordination compounds in which one or two 
cyclopentadienyl rings or substituted cyclopentadienyl rings are π-bonded to a transition metal atom 
(see Figure 7.93). The most remarkable feature of these catalysts is that their molecular strictures can be 
designed to create active center types to produce polymers with entirely novel properties”. 

 

Figure 7.93 Generic structure of a metallocene catalyst 

Continuing their previous study on the production of EPM copolymer and EPDM terpolymer using 
vanadium-based catalysts [71], Hagg et al. [76] present an experimental and modeling study using the 
same semi-batch bubble column reactor and a metallocene Et(Ind)2ZrCl2/MAO catalyst system. Here, 
“Et” stands for the ethyl group; “Ind” represents zirconium. Et(Ind)2ZrCl2 is not available with Aspen Plus 
pure component database. MAO represents C12H16OS2, CAS no. 130184-19-9, and formula molecular 
weight 240.38. To import its structure file into Aspen Polymers for property estimation, the molecular 
structure file, 130184-19-9.mol, is available (see Figure 7.94)  
(https://www.chemicalbook.com/Search_EN.aspx?keyword=MAO). 

 

Figure 7.94 Molecular structure of MAO (C12H16OS2), a component of a                                                                 
metallocene catalyst system 

https://www.chemicalbook.com/Search_EN.aspx?keyword=MAO


Figure 7.95 compares the polymer yields for producing the EPDM terpolymer using both the vanadium-
based Ziegler-Natta catalyst system, VOCl3-Al2Et3Cl3, and the metallocene catalyst system, 
Et(Ind)2ZrCl2/MAO [76]. The three monomers are ethylene, propylene and ENB (ethylidene norbornene). 
The comparison shows the increased polymer yield when using a metallocene catalyst system. 

 

Figure 7.95 An illustration of increased EPDM terpolymer yields using a metallocene catalyst system                         
when compared to a vanadium-based Ziegler-Natta catalyst system. 

5.9.3 EPM Copolymerization Kinetics and EPDM Terpolymerization Using a Metallocene Catalyst 
System 

Polymerization kinetics using a metallocene catalyst system include most of the reactions for Ziegler-
Natta catalysts described in Section 2.2, except for two differences. First, a metallocene catalyst system 
mostly exhibits only a single active catalyst site, and results in a narrow molecular weight distribution 
with a polydispersity index of approximately 2. Second, a metallocene catalyst system includes 
additional reactions involving terminal double bond (TDB) end groups that are absent in the traditional 
Ziegler-Natta polymerization kinetics. We follow [77] to explain how to include the relevant TDB 
reactions in Aspen Polymers. 

Polymerization with a metallocene catalyst system typically leads to the formation of long chain 
branching (LCB), but the LCB frequency is usually small. The long chain branches likely result from chain 
propagation reactions involving a growing polymer chain and a terminal double bond on a dead polymer 
chain. Polymer chains with terminal double bonds are formed by some of the chain-transfer reactions. 
To form long chain branches, the metal catalytic center must be open to provide a favorable reactivity 
ratio for the macromonomer. 

Aspen Polymers tracks the concentration of TDB end groups on the dead polymer chains through a 
segment called TDB Segment, which typically has one less hydrogen atom than the related repeated 
segment. For example, we specify a C3H5-TDB end segment (C3H5-E) corresponding to a C3H6-SEG 
repeated segment (C3H6-R). TDB segments are generated through chain transfer reactions and are 
consumed through the TDB polymerization reaction.  

We summarize the ethylene-propylene copolymerization kinetics using a metallocene Et(Ind)2ZrCl2/MAO 
catalyst system in Table 5.26 [76]. We also convert the reported reaction rate constant k (1/min) values 
in [76] to the corresponding pre-exponential factor k0  (1/sec) values used in Aspen Polymers according 



to the Arrhenius form, Eq. (5.1), assuming a reaction temperature T of 85°C or 358K in the equation. See 
Table 5.27. In the table, we follow [77] for the assumed values of the activation energies. 

Table 5.26 Copolymerization kinetics for EPM (ethylene-propylene copolymer)                                                          
using a metallocene Et(Ind)2ZrCl2/MAO catalyst system [76].

 

 

Table 5.27 Conversion of the reported reaction rate constant k (1/min) values in [76] to the 
corresponding pre-exponential factor k0 (1/sec) values used in Aspen Polymers 



 

5.9.4 Unit System, Components and Characterization of Polymer 

We choose to set up a unit system based on the MET unit set and replace the temperature from K to °C, 
and pressure from atm to psig. We make these changes, as we simulate the operating conditions of a 
UNIPOL gas-fluidized-bed process to produce EPM using a metallocene catalyst system in U.S. patent no. 
6,011,128 [65]. 

Figure 5.96 shows our component specifications. As METCAT1, catalyst Et(Ind)2ZrCl2, is not available 
within Aspen Plus pure component database, we use TICl4 to represent this component (but will enter 
the correct molecular weight of 420.81 later in Figure 5.100). We define the cocatalyst (COCAT) MAO of 
Figure 5.95 by importing its molecular structure file, 130184-19-9.mol  
(https://www.chemicalbook.com/Search_EN.aspx?keyword=MAO) (available in the workshop folder for 
this chapter). We follow the path: Properties -> Components -> Molecular structure -> COCAT -> 
Structure and functional group -> Draw/import/edit: import 130184-19-9.mol -> Calculate bonds -> 
General -> Atom number and atom type automatically defined by Aspen Plus.  We save the simulation 
file as WS5.4 EPM_metallocene kinetics.bkp. 

In Figure 5.96, ethylene and propylene are monomers, and their repeated segments are E-SEG and P-
SEG. TDB-SEG is a terminal double bound end segment, with one less hydrogen atom than the repeated 
segment P-SEG. EPM is the ethylene-propylene copolymer. It’s not available within the Aspen Plus 
polymer component database, so we specify it as a generic polymer component. N-hexane is a solvent, 
hydrogen is a chain transfer agent, and nitrogen is an inert gas. 

https://www.chemicalbook.com/Search_EN.aspx?keyword=MAO


 

Figure 5.96 Component specifications 

Next, we follow the path: Properties -> Components -> Polymer and specify the polymer segments 
according to Figure 5.97. 

 

Figure 5.97 Segment definition for polymer 

For the Polymers folder, we choose built-in attribute group, Ziegler-Natta selection for our polymer 
EPM. Figure 5.98 shows the specifications for the Site-Based Species. 

 

Figure 5.98 Specification of site-based species 

5.9.5 Thermodynamic Method and Property Parameters for Components and Polymer 

Our solution polymerization reactor for EPM operates at 300 psig [65], which is close to the operating 
pressure of our gas-phase stirred-tank reactor for PP in Section 5.7. Therefore, we choose POLYPCSF as 
our thermodynamic method. Following our examples for LDPE (Section 4.4.4), EVA (Section 4.6.4) and 
PP (Section 5.7.4), we enter the pure component parameters for POLYPCSF by following the path: 
Properties -> Methods -> Parameters -> Pure Components -> New -> Scalar -> Change name from Pure-1 
to PCSF -> enter values as in Figure 5.99. We assume that TDB-SEG segment has the same parameter 
values as E-SEG. 



 

Figure 5.99 POLYPCSF pure component parameters 

We follow the same procedure in creating the pure component parameter folder PCSF to generate a 
pure component parameter folder named CAT and enter the values as in Figure 5.100. Note the 
molecular weight (MW) for our catalyst METCAT1, Et(Ind)2ZrCl2. 

 

Figure 5.100 Assumed pure component parameters for METCAT1 and COCAT 

Figure 5.101 shows the parameters for the ideal gas heat capacity, CPIG-1. These parameter values 
came from references [4,5,35]. We estimate the parameter values for COCAT by applying the estimation 
tool, based on the structure of Figure 7.94 and the molecular structure file, 130184-19-9.mol. 
Specifically, we follow the path: Properties -> Estimation ->Input -> Setup -> -> Estimation option -> 
Estimate all missing parameters. After obtaining the estimated parameter values as shown by R-PCES for 
COCAT in Figure 5.101, we change the estimation option to “Do not estimate any parameters”.  

 

Figure 5.101 Parameters for ideal gas heat capacity, CPIG-1 

Figure 5.102 displays the parameter values for enthalpy of formation by the van Krevelen method, 
DHFVK. These values came from WS4.3 of Section 4.6. 

 



 

Figure 5.102 Parameter values for enthalpy of formation by the van Krevelen method, DHFVK 

The reader may see other parameter values for DHVLWT-1 (heat of vaporization), KLDIP-1 (liquid 
thermal conductivity), MULAND-1 (liquid viscosity), PLXANT-1(liquid vapor pressure) and SIGDIP (liquid 
surface tension) resulting from property estimation (R-PCES) from the simulation file WS5.4 
EPM_metallocene_kinetics.bkp. 

5.9.6 Process Flowsheet and Inlet Stream and Block Specifications 

Figure 5.103 depicts the fluidized-bed reactor system in our UNIPOL process for producing EPM 
copolymer. 

 

Figure 5.103 Fluidized-bed reactor system for producing EPM copolymer. 

Figure 5.104 shows the specification of CATFEED stream. 

 

Figure 5.1045 Specifications of CATFEED stream 

For component attributes displayed in Figure 5.104, we need to continue specifying the following 
attributes: CPSFLOW = CDSFLOW =CDSFRAC= CVSFLOW =CVSFRAC =0. 

For feed steam, FRESHFD, we specify 5°C, 400 psig, and component mass flow rate (kg/hr): COCAT =30, 
Ethylene=25000, Propylene =5000, H2 =5, and N2 = 20. Table 5.28 gives the block specifications. We 
note that the reactor operating pressure of 300 psig (20.42 atm) follows the metallocene catalyst 
examples for polyolefins in [65, 77] and the PP and LLDPE examples in WS5.2 and 5.3. The reader may 
change this pressure with available plant data. 

 



Table 5.28 Block specifications

 

5.9.7 Base-Case Simulation Results 

In our base-case simulation, the actual reactions and their kinetic parameters are slightly different from 
those listed in Table 5.27 based on the literature, to obtain reasonable monomer and copolymer yields, 
MWN, MWW and PDI, as well as SFRACs (mole fractions of monomer and comonomer in the polymer 
product). See Tables 5.29 and 5.30 present the kinetic parameters, and stream results for feed and 
polymer product. 

Table 5.29 Actual reactions and kinetic parameters for base-case simulation 

 

Table 5.30 Stream results for feed and polymer 



 

We see the total monomer conversion of 10302.4/(25000 +5000), or 34.34%. The mole fractions of 
ethylene, propylene and TDB segment in the EPM copolymer are 0.807252, 0.192524, and 0.000224, 
respectively. The MWN is 134463, and MWW is 268975, giving a PDI of 1.99888. Should the reader have 
plant data for these results, it’s not difficult to fine-tune the kinetic parameters to match the plant 
production targets by following examples in previous workshops of this chapter. We save the simulation 
file as WS 5.4 EPM_Solution_Metallocene_Final.bkp. 

5.9.8 Extension to EPDM (Ethylene-Propylene-Diene Terpolymer)  

As discussed in Section 5.9.2, Aspen Plus version 11 can represent the components involved in 
producing an EDPM terpolymer using DPCD (dicyclopentadiene) as the diene monomer. In the 
simulation files for WS5.4, we have included a completed component and property files, WS 5.4 
EPDM_metallocene_properties.bkp, for using DPCD as the diene monomer and a metallocene 
Et(Ind)2ZrCl2/MAO catalyst system [73]. Figure 5.106 shows the component specifications. Here, the 
details of the metallocene catalyst and cocatalyst are identical to that of the EPM copolymer example in 
WS5.4. The reader can refer to the simulation file to learn more about the components and properties 
involved. 

 

Figure 5.106 Component specifications for simulating the manufacturing                                                                                    
of an ethylene-propylene-DPCD terpolymer 

Hagg, et al. [76] have presented a generic reaction mechanism, reaction rate equations and 
experimental reaction rate constants for an EPDM terpolymerization using a metallocene 



Et(Ind)2ZrCl2/MAO catalyst system. The third monomer, ENB (ethylidene norbornene), and its related 
repeat segment are not available within Aspen Plus pure component and segment databases, we do not 
simulate the EPDM work of Hagg et al. [76]. However, when adequate polymerization kinetic data 
become available for DCPD as the diene monomer, and ENB and its repeat segment become available in 
Aspen Plus databases, we can apply the same modeling methodology for the EPM (ethylene-propylene 
copolymer) to the ethylene-propylene-DCPD terpolymerization using a metallocene catalyst system. 

5.10 Conclusions 

In this chapter, we have demonstrated an effective methodology for estimating kinetic parameters for 

Ziegler-Natta polymerization for commercial processes producing polyolefins, such as HDPE, PP, LLDPE 

and EPDM.  We consider the catalyst activation, initiation, propagation, chain transfer, deactivation, and 

other polymer-specific reactions. We have identified the reaction rate constants in Ziegler-Natta 

polymerization kinetics that have most significant impacts on common production targets, which greatly 

simplifies the kinetic parameter estimation for simulation and optimization models for polyolefin 

processes using plant data.   

Our methodology begins with a kinetic model considering a single active catalyst site, followed by 

converting the single-site model into a model assuming multiple active catalyst sites. We apply 

deconvolution analysis to characterize the GPC MWD data to determine the most probable chain length 

distribution for each catalyst site assuming a Flory distribution. The deconvolution analysis identifies the 

expected number of active catalyst sites together with the weight fraction and number-average 

molecular weight for each active catalyst site. 

We demonstrate an effective methodology in Figures 5.9a and 5.9b to use efficient software tools, such 

as data fit, sensitivity analysis and design specification in Aspen Polymers, to simultaneously estimate 

multiple reaction rate constants for Ziegler-Natta kinetics to match several datasets of production 

targets, such as production rates, MWN, SFRAC, etc. in a computer-aided step-by-step procedure. This 

differentiates our study from most of the previous studies which sequentially estimate these reaction 

rate constants. Our methodology in Figure 5.9 also greatly simplifies the kinetic parameter estimation 

for the multisite model, in that we only need to regress selected kinetic parameters for the multisite 

model to match the plant data for PDI and related production targets, such as the atactic fraction for PP 

production. 

Our methodology in Figures 5.9a and 5.9b results in part from our insights and experiences from 

applying our methodology to several dozen commercial polyolefin processes at two of the world’s 

largest petrochemical companies in the Asia-Pacific over the past two decades. Applying our 



methodology using efficient software tools results in validated simulation and optimization models that 

we can use to quantify changes in process operations, process capacity scale-up, polymer quality 

control, product grade change, etc. 

Our detailed supplements of modeling examples and Excel modeling spreadsheet will be useful to 

practicing engineers interested in applying process modeling and optimization to commercial polyolefin 

production. 

This chapter is published with Wiley publication in the book Integrated Process Modeling, Advanced 

Control and Data Analytics for Optimizing Polyolefin Manufacturing by Liu & Sharma.[78-89] 

This chapter also presents four detailed hands-on workshops for simulating HDPE, PP, LLDPE and EPM 

(ethylene-propylene copolymer) using Ziegler-Natta catalyst and metallocene catalysts-cocatalyst, and 

demonstrate how to apply the efficient simulation software tools such as data fit, sensitivity analysis and 

design specifications for kinetic parameter estimation, process improvement, and optimization. 
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